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ABSTRACT 

 

Jennifer Pawloski        Advisor: 

University of Guelph, 2016       Dr. Hongde Zhou 

 

 

The topic of membrane performance and fouling in a membrane bioreactor system (MBR) has 

been extensively researched.  Many approaches have been employed to explore the mechanisms 

behind fouling and how to control it.  While a very well-studied topic, the vast majority of 

published results are based on lab-scale or small pilot-scale systems using synthetic wastewater.  

Very few studies have looked at the ability to scale the results of these studies to apply at full-

scale.  Use of real wastewater and testing at larger scales has been extremely limited.  In an effort 

to close this fundamental research gap, a multi-year study on the impact system scale has on the 

short term membrane performance and fouling in MBR systems was conducted.  Four systems of 

increasing size from a lab-scale system to a full-scale 3.0 million gallon/day plant were used to 

conduct the study.  All four systems operated with municipal wastewater and used the same hollow 

fibre membrane. 

 

The applicability of scaling the results of small systems was explored by introducing a new 

evaluation approach using the difference in the ratio of solid mass flux (SMF) handled by the 

membranes to the amount of air mass flux (AMF) introduced to control membrane fouling.  

Recommendations on how to use small system data were proposed based on the findings.  The 

impact key membrane module operational and design parameters have on fouling were also 

examined.  The novel SMF to AMF analysis was applied to allow for comparison of results and 

helped determine which changes could lead to the best performance optimization.   

 

Finally, an Excel® based model capable of predicting lifecycle costs for MBR systems was 

developed.  The model was found to be useful in predicting costs for up to six membrane products 

simultaneously.  The impact of membrane design and operational parameters on lifecycle costs 

was explored using three similar products.  The analysis included the impact of key operational 



 

 

and design parameters over a wide range of plant flow capacities.  Results show that product 

properties and operational parameters can have a larger than expected impact on the lifecycle costs 

of a system.   
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1 INTRODUCTION 

 

It is a universal truth that humans require water to survive.  Not only is the ingestion of water 

necessary for human health, but water also drives the world’s economy.  Historically, a civilization 

that could control their water resources would flourish.  Egyptian society was built around the 

annual flooding of the Nile River that allowed agriculture in a desert. The Roman Empire 

constructed massive aqueducts to control water and was the dominant superpower for over one 

thousand years as a result.  One of the reasons often cited for the decline of Rome was the failure 

of its aqueduct system.  Today, everything from agriculture to computer chip manufacturing 

requires some amount of water.  With a population of over seven billion people, global water 

supplies are under increasing duress and water scarcity has become a reality in many regions of 

the world.  Management through pollution control and effective wastewater treatment has become 

increasingly important to help maintain the quality of water sources used to supply clean drinking 

water.   

 

One increasingly popular method for treating wastewater is the membrane bioreactor (MBR) due 

to the high water quality achievable with this technology.  While the activated sludge bioreactor 

has been in use in wastewater treatment since 1914, coupling the process with membranes is a 

more recent development first explored in the late 1960’s.  In the last two decades MBR technology 

has flourished because of the advantages it offers over conventional treatment including smaller 

footprint, lower sludge production, and higher effluent quality (Wang et al., 2006).  MBR systems 

are expected to continue to increase in capacity and broaden in application area due to increasingly 

stringent regulations and a rise in water reuse applications (Judd, 2011, Yang et al., 2006).  

However, as the popularity of MBR technology for both industrial and municipal applications 

grows, market demand requires that the cost per gallon of treated wastewater decrease.   

 

As with any technology, the simplest way to decrease the cost is to improve the efficiency and 

performance.  Membrane researchers are constantly looking for ways to achieve this and there are 

many different approaches being taken.  Conducting an extensive literature review of 339 research 

papers published between 1991 and 2004, Yang et al. (2006) found that research falls into six 
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fundamental topic areas:  membrane fouling, operation and design parameters (fibre, module and 

system), sludge properties, microbiological characteristics, capital and life cycle cost of full-scale 

systems, and system modeling (Figure 1.1).  A significant portion of the research within the first 

two areas has been focused on (a) finding ways to increase the flux, the amount of water an 

individual membrane can process; (b) finding the optimal membrane module design and (c) finding 

ways to decrease the energy used by the system to achieve the increased performance.  This is due 

to the fact that cost of the membranes and power are often the two largest contributors to the total 

life cycle cost of a system.  Increasing the flux for an individual membrane translates into a 

decrease of the total number needed, and a direct capital cost reduction.  Raising the packing 

density by increasing the membrane surface area to membrane module volume ratio is another 

potential way to increase the amount of water produced while shrinking the footprint and cost.  

Finally, since aeration of the membranes is often employed to control the cake layer and therefore 

fouling, reduction of the amount of air used to scour a given membrane surface area represents an 

energy savings. 

 

 

Figure 1-1: Breakdown of Research Topics 

(Figure generated by Author from data presented in Yang et al., 2006) 

 

There are many different membrane designs currently in use by researchers and manufacturers.  

The two most common types of wastewater membranes today are immersed hollow fibre and flat 

sheet (Figure 1.2).  Flat sheet membranes were the type used for the majority of research conducted 

in the 1980’s, and commercial applications focused on this form of membrane during that time.  
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In the mid-1980’s, the University of Tokyo began experiments with immersed hollow fibres in an 

MBR (Judd, 2011).  The performance of this form of membrane has resulted in it rapidly becoming 

the dominant type used by researchers and manufacturers.  Table 1.1 outlines the important 

characteristics of membranes used for MBR research by some of the key university research 

groups and manufacturers today.  It should be noted that regardless of the type of membrane used 

in research, the same fundamental issues outlined above apply. 

 

 

Figure 1-2: Immersed Hollow Fibre and Flat Sheet Membranes 

 

Two additional issues many researchers face is that access to full-scale plant operational data is 

limited and very few can operate pilots of significant size due the high cost or laboratory space 

restrictions (Drews, 2010).  Yang et al. (2006) note: “much of the published information on MBRs 

to-date has mainly focused on bench or pilot scale studies…” treating specific wastewaters and for 

short-term operation.  They further state: “regardless of the source of wastewater, whether it is 

municipal or industrial, very few publications involved full-scale studies for long-term operational 

periods”.  And in those cases where pilot scale results are applied to full-scale, “lower membrane 

permeability than anticipated was observed in many actual operations.  This indicates that results 

from bench or pilot scale experiments are not always correlated to the application in full-scale 

plants” (Yang et al., 2006).  Therefore, it is necessary to demonstrate scalable results before 

applying any method or modification at full-scale to ensure membrane performance is acceptable.   
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Table 1-1: Characteristics of Membranes Used in MBR Research 

Research Group1 or 

Manufacturer2 

Type 

and  

Material 

Pore 

Size  

(μm) 

Diameter d 

and/or 

separation3 δ 

(mm) 

Packing 

Density  Φ 

(m-1) 

UBC School of Civil Engineering: 

Environmental Program 

HF, PVDF 0.04 1.9, 3.0 300 

UNSW: UNESCO Centre for 

Membrane Science and Technology 

HF, PVDF 0.04-0.1 1.3-2.8, 

2.5-3.0 

300-334 

Cranfield University: Center for 

Water Science 

FS, PE 

FS, PES 

HF, PVDF 

0.4 

0.038 

0.04 

n/a, 8 

n/a, 6 

1.9, 3.0 

115 

160 

300 

Oxford University Department of 

Engineering Science 

FS, PE 

HF, PVDF 

HF, PES 

0.4 

0.04 

0.05 

n/a, 8 

1.9, 3.0 

2.6, 3.5 

115 

300 

314 

UNESCO-IHE Institute for Water 

Education 

HF, PVDF 0.04 1.9, 3.0 300 

University of Aachen Department of 

Chemical Engineering 

HF, PVDF 

HF, PES 

0.04 

0.05 

1.9, 3.0 

2.6, 3.5 

300 

314 

Asahi HF, PVDF 0.1 1.3, 1.3 710 

GE HF, PVDF 0.04 1.9, 3.0 300 

Huber FS, PES 0.038 n/a, 6 160 

Kubota FS, PE 0.4 n/a, 8 115 

Koch-Puron HF, PES 0.05 2.6, 3.5 314 

Mitsubishi Rayon HF, PE 

HF, PVDF 

0.4 

0.4 

0.54, 1.7 

2.8, 2.9 

485 

333 

Siemens-Memcor HF, PVDF 0.08 1.3, 2.5 334 

Toray FS, PVDF 0.08 n/a, 6 135 
1 All research group data from specific groups’ published work. 
2 All manufacturer data from “The MBR Book” (Judd, 2011). 

3 Separation for flat sheet is the channel width and for hollow fibre is calculated by 
d

d





 

 

1.1 Research Motivation 

The fundamental problem with the majority of membrane bioreactor research to-date is the 

conduction of this research on a system scale that is insufficient for prediction of full-scale 

behavior and performance.  Research has most often been conducted at the bench-scale or pilot-

scale level, due to both the desire to control experimental conditions and limited access to full-

scale systems.  A number of recent papers have noted that bench and pilot scale results present 
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idealized performance due to the inability to correctly scale all variables and full-scale systems 

rarely perform at the same levels (Kraume  et al., 2009; Buetehorn et al., 2012).  The magnitude 

of the impact that changes to module design or operating parameters such as membrane aeration 

have on system hydraulics and performance (as measured by sustainable flux) will vary with the 

size of the system under investigation.  Flux–TMP behaviors of the membrane processes in a MBR 

system have been found to be a function of the system configuration, and not all elements of a 

system can be equally scaled.  Mixed liquor biological effects are also difficult to create on small 

systems and many studies use simulated wastewater further complicating the problem (Yang et al., 

2006; Buetehorn et al., 2012).  In addition, few studies evaluate the impact potential design and 

performance improvements will have on the lifecycle costs of a system, ignoring the main driving 

factor behind most membrane bioreactor research. 

 

1.2 Problem Statement and Objectives 

Given that the majority of fouling research is conducted on small bench-scale systems using 

synthetic wastewater, and this approach has been found to give idealized results that are not 

representative of real-world applications, there exists a fundamental gap between academic 

research and industry need.  By conducting a series of identical experiments using real municipal 

wastewater on a range of test system sizes, it can be determined if it is possible to extrapolate 

results from small-scale research systems for prediction of full-scale system performance under 

similar conditions.   

 

A hollow-fibre polyvinylidene difluoride (PVDF) membrane representative of the common pore 

size (0.04 µm) and diameter (1.9 mm) presented in Table 1-1 was used for the research.  Packing 

density varied with system scale and design, and was therefore not pre-selected.  A series of 

experiments that varied the module design, system design, and operating parameters at several 

system scales were used to generate sufficient data for the analysis.  In addition, the calibration 

experiments were also used to evaluate two sub-problems of how packing density and membrane 

aeration design can impact performance at different system scales.  This was accomplished by 

focusing on aeration flow rate and frequency as well as module design.  The secondary objective 

of this thesis was the evaluation of the impact the proposed changes would have on the lifecycle 
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costs of full-scales systems. This was achieved by developing a cost model capable of comparing 

up to six different module designs simultaneously. 

 

Specific objectives included: 

 Developing an understanding of the impact system scale has on performance and exploring 

the possibility of developing a model to use to extrapolate bench scale results to full scale.  

 Examining how the design of the membrane module and system can influence the mass 

transport and affect performance under increased flux and reduced aeration conditions. 

 Exploring alternative module designs to introduce aeration into the fibre bundle in order to 

enhance cake fouling control. 

 Evaluating the impact of optimizing design parameters on total lifecycle costs of full-scale 

municipal MBRs. 

 

1.3 Research Program 

To accomplish the objectives of the thesis stated in the previous section, the research program was 

conducted along two parallel paths: experimental and modeling.  Four sizes of system (described 

in Chapter 3) were used to develop an understanding of current performance limits of the selected 

submerged hollow fibre membrane.  To begin, a baseline of experiments at each scale was 

established so that all results could be contrasted against current operation data.  This was followed 

by testing of the different operational scenarios and membrane configurations to answer the 

proposed objectives.  At the commencement and conclusion of each new test program, the same 

baseline experiments were conducted to demonstrate the stability of the biological system.  Each 

of the four systems was used to explore different aspects of the research.  This was followed by 

analysis of the findings to determine if it was possible to develop a method to allow scaling of 

small system data to predict full-scale performance.  Finally, an Excel® based system costing 

model was developed for use in evaluating the total lifecycle cost impact of the key design 

parameters. 

 



7 

 

1.3.1 Engineering Significance of the Research 

Very limited research has been conducted on the influence that size and scale of a test system has 

on experimental results and no research to-date has examined bench, pilot and full-scale in the 

same work.  This is mainly due to the limited access to full-scale systems (Le-Clech et al., 2006; 

Yang et al., 2006; Kraume  et al., 2009; Drews, 2010; Buetehorn et al., 2012).  While nearly 30% 

of all MBR publications address the issue of membrane fouling, in contrast to the majority of 

papers using lab, bench or pilot-scale test systems, there are very few fouling papers using full-

scale test systems (Drews, 2010).  The comparison of pilot scale and full-scale system results is 

therefore of such interest to the research community that it has been included as a specific topic 

in several recent publications and at the WEF Membrane Specialty Conference.  As stated in the 

introductory section, optimization of a system to control membrane fouling while simultaneously 

increasing membrane performance and cutting system costs is one of the most significant 

research efforts in the MBR field of study.  Modification of the membrane chemistry 

(formulation) and element design are two common approaches to address this problem (Drews, 

2010).  However, system hydraulics can also play a significant role and must be included in 

optimization studies (Brannock et al., 2007).  Altering the hydraulics around a submerged hollow 

fibre membrane module at full-scale has not been previously evaluated in detail and limited 

information has been published.  Access to full-scale systems and the ability to change module 

configurations has also been limited for most researchers due to the reluctance of system owners 

to allow unproven technologies in their application.  Thus, the research presented here takes the 

lead in several related areas, and may aid in the development of future research directions. 

 

1.4 Organization of Thesis 

The thesis consists of seven chapters.  Chapter 2 presents a comprehensive review of the literature, 

with a focus on membrane fouling and control.  A general overview of membrane bioreactors and 

key operational and characteristic parameters is also given.  The general methodology of the 

research and the analytical approach is presented in Chapter 3.  The four experimental systems 

used for data collection are described in detail in this chapter as well.  Chapters 4 to 6 present the 

results of the research in paper format, with Chapter 4 in this proposal presenting an updated and 



8 

 

expanded version of the first publication.  Chapter 7 will summarize the results presented in earlier 

chapters and provides general conclusions and recommendations for future research. 
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2 LITERATURE REVIEW 

 

2.1 Introduction 

While one of the earliest attempts at combining membranes with biological reactors for wastewater 

treatment in North America was the Membrane Sewage Treatment (MST) system developed by 

Dorr-Oliver Inc. in the late 1960s, it wasn’t until early 1990s that membrane bioreactors began to 

gain in popularity (Judd, 2011).  The introduction of the submerged membrane bioreactor (MBR) 

by Yamamoto et al. (1989) kicked off the revolution in wastewater treatment that has resulted in 

over 5000 installed MBRs worldwide as of 2016 (The MBR Site, 2016).  This demonstrates that 

the MBR technology has now reached commercial acceptance and some level of market maturity.  

BCC Research, in a 2012 economic report, estimated that the global MBR market was worth $337 

million in 2010 and at a 13.2% compound annual growth rate (CAGR) would reach $627 million 

by 2015 (BBC Research, 2012). 

 

In North America there are over 500 full-scale MBR plants of various capacities in operation (The 

MBR Site, 2016).  The largest membrane bioreactor plant in the world, with a capacity of 536 

MLD average daily flows peaking to 864 MLD is currently being designed and retrofitted into the 

conventional wastewater plant for Stockholm, Sweden (GE Water & Distributed Power, 2016).  

And according to the 2012 EPA Clean Watershed Needs Survey, the United States currently has 

14,492 wastewater plants, approximately half of which have a documented need for upgrade.  

Many of these plants will consider MBR technology as a viable alternative to conventional 

treatment in order to increase flow and effluent quality in their existing footprint.  The main reasons 

for the increase in the use of MBRs, both in industrial and municipal applications, are the reduced 

land requirement, effective nitrification/denitrification, high effluent quality, and reduced sludge 

production in comparison to conventional treatment technologies (Cui et al., 2003).  Capital and 

operational costs have also significantly dropped when compared against conventional technology, 

making MBR technology even more attractive (Young et al., 2012).  However, the membrane 

bioreactor technology has many hurdles to still overcome including the need to better understand 

and control fouling, and reduce lifecycle costs associated with power, maintenance and membrane 

replacement (Santos et al., 2011).   
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An additional challenge is the fact that increasing membrane flux and/or packing density in an 

effort to reduce capital costs while simultaneously reducing the amount of aeration used to reduce 

power costs increases the risk of fouling significantly.  Many researchers have found that the only 

reliable way to increase flux while avoiding membrane fouling is to increase the amount of aeration 

supplied to the membranes (Cui et al., 2003).  This would result in an increase in the amount of 

power required by the MBR system, making the technology less desirable to the marketplace.  

Conversely, research has shown that decreasing the amount of aeration significantly can increase 

membrane fouling and reduce the amount of water a given membrane surface area can produce 

(Guibert, 2000).  It is thus important that research into one area (i.e. membrane fouling) consider 

the impact results may have on another area that may be inter-related.   

 

2.2 Description of submerged hollow fibre MBR process 

Membrane bioreactors use many of the same processes found in conventional wastewater 

treatment plants and link these processes to a membrane system.  All bioreactors, conventional or 

membrane, use natural microorganisms to degrade wastewater at an accelerated rate by 

significantly increasing the concentration of the organisms.  While conventional bioreactors are 

limited to a maximum sludge biomass concentration of approximately 5 g/l to maintain the 

required settling velocities, membrane bioreactors are able to run at 15 g/l or greater under certain 

conditions (Yoon et al., 2004a).  This has the advantage of significantly reducing the land footprint 

required for a membrane bioreactor facility.   

 

Submerged membrane systems further reduce the footprint required by installing the membranes 

in the aeration basin or a tank that can act as part of the aeration process.  Figure 2.1 illustrates a 

typical activated sludge conventional system while Figure 2.2 shows how the components of the 

system are included in a submerged membrane bioreactor plant. 
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Figure 2-1: Typical Activated Sludge Conventional System 

 

 

Figure 2-2: Typical Submerged Membrane System 

 

Raw sewage is introduced to the headworks of the plant and passed through a screen, usually with 

6 mm openings and designed to stop and remove any large debris.  The screened sewage can then 
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be passed through a primary clarifier for initial settling or a basin designed to allow equalization 

of the flow, depending on the size and design of the plant.  In many submerged bioreactor systems, 

a secondary fine screen of 2 mm right before the bioreactor is used to remove additional debris, 

such as hair, from the raw wastewater.  This can help prevent trash build-up in the bioreactor that 

might damage the membranes or reduce membrane performance.   

 

While there are many different bioreactor designs, the most common in municipal wastewater 

treatment is the Modified Ludzak-Ettinger (MLE) process (Metcalf and Eddy, 2003).  Raw 

wastewater contains both organic nitrogen and ammonia nitrogen (NH4-N), which is formed by 

bacterial breakdown of the organic nitrogen.  In the MLE process, oxygen introduced in the 

aeration basin combines with the ammonia nitrogen and forms nitrate (NO2
- and NO3

-), which is 

then recycled to the anoxic zone.  The raw organic material in the influent from the headworks 

provides the electron donor for oxidation reduction of the nitrate (Metcalf and Eddy, 2003).  Hence 

the denitrification occurs in the anoxic zone, while the nitrification occurs in the aerobic zone.  

This process is also the most common design used in submerged membrane bioreactors, with the 

only modification being the return to the anoxic zone generally comes from the end of the 

membrane zone, and not from the aerobic zone as shown in Figure 2.2.  When other constituents, 

such as phosphorous must be removed, the process can be further modified, as discussed by 

Metcalf and Eddy (2003). 

 

From the aerobic zone, mixed liquor is moved by gravity or pumps to the membrane zone.  The 

membrane modules, either flat sheet or hollow fibre, are typically grouped together to form larger 

units generally referred to as “cassettes”, and these cassettes are submerged in the mixed liquor.  

Figure 2.3 shows some of the most common submerged membrane designs.  Aeration of the 

modules to control fouling means that the membrane zone acts as part of the aerobic process. 
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Figure 2-3: a) EVOQUA (hollow fibre) b) GE (hollow fibre) and c) Kubota (flat plate) 

Module and Cassette Examples 

 

In the submerged hollow fibre membrane process, the permeate pump/siphon system creates a 

negative pressure on the inside of the membrane, while the water level in the tank creates a positive 

static pressure on the outside.  The difference in pressure across the membrane surface is called 

the “trans-membrane pressure” or TMP.  As the mixed liquor flows through the membrane tank, 

it is drawn into the membrane fibres by the pressure difference (for a more detailed discussion on 

fibre hydrodynamics see Section 2.5).  Tiny pores on the membrane surface allow water molecules 

to pass through the membrane but stop air and larger particles in the mixed liquor (see Figure 2.4).  

The pore size for the membranes used in this work is 0.04 μm.  Once inside the fibres, the filtered 

water or “permeate” is pumped to the discharge system.  A UV disinfection or chlorination 

treatment step may be included prior to the effluent being discharged from the plant; however 

membrane permeate is of a high quality even without additional disinfection, which is one of the 

main reasons for the use of MBRs.   
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Figure 2-4: Hollow Fibre Surface at 40,000x Magnification Showing Pores  

(Reprinted with permission from Zenon MBR Group Presentation, 2005.  Author was a 

part of the MBR Group.) 

 

Finally, with the removal of water, the mixed liquor suspended solids (MLSS) concentration in the 

membrane tank increases as the mixed liquor flows through the tank.  For example, if the MLSS 

is 10 g/L at the entrance to the membrane compartment, and the return activated sludge (RAS) 

flow rate is five times the permeate flow rate (or 5Q, a typical operating value in MBRs), then the 

MLSS will be 12 g/L upon exiting the tank.  This higher MLSS becomes diluted once the RAS 

flows by gravity or is pumped back into the anoxic zone of the MBR.  A sludge wasting line is 

typically included somewhere in the process.  In order to maintain a given sludge retention time 

(SRT) in the bioreactor, a portion of the sludge is sent along this wasting line to the sludge handling 

facility, which often includes a digester and a belt press or a centrifuge.  While the sludge handling 

methods of conventional and MBR systems are generally the same, MBR systems offer the 

advantage of lower sludge production rates due to the higher MLSS concentrations achievable.   
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2.3 Membrane fouling 

As illustrated in Figure 2.4, hollow fibre membranes are made up of tiny pores so small that water 

molecules can flow into the membrane while air, bacteria, solids, etc. are blocked at the membrane 

surface.  These biomass constituents, if not removed by some means, can restrict the diameter of 

pores or build up on the surface of the fibre, reducing the number of pores available for water flow.  

This blocking or covering of the pores is referred to as fouling of the membrane.  Removal of this 

fouling layer by some means can maintain or even enhance the membrane performance.  It is not 

surprising then that membrane fouling control continues to be one of the biggest technical 

problems for MBRs and has been investigated extensively (Yang et al., 2006; Drews, 2010; Santos 

et al., 2011).  Any fouling control technique developed must be able to handle all wastewater 

conditions found in full-scale MBRs.   

 

There are many components that make up the biomass (activated sludge/mixed liquor) in a MBR 

facility that cause fouling and no two plants are identical.  A consensus among researchers on the 

exact fouling phenomena in MBR has not yet been reached, even after nearly 20 years of intensive 

research (Liang et al., 2011).  Researchers have identified numerous causes of biological fouling 

including solutes, colloids, and extra-cellular polymeric substances (EPS) (Lesjean et al. 2005; Lin 

et al. 2004; Judd, 2011).  Understanding the causes of fouling in bioreactors is made even more 

challenging because biological activity leads to biofouling, and each MBR will have a unique 

constituent make-up completely dependent on what is in the raw influent.  Operating parameters 

and membrane and module characteristics can also directly influence fouling (Figure 2.5).  In order 

to fully understand membrane fouling, the influence of all of these factors must be taken into 

account.  Fully exploring all factors is beyond the scope of the work presented here however the 

following section will further define the types of membrane fouling as well as briefly address each 

of the four main categories.  Chapter 3 will address how to measure membrane fouling in-situ. 
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Figure 2-5: Factors Affecting Fouling in Submerged MBRs 

 

2.3.1 Types of fouling 

From a hydraulic point of view, fouling is the loss of permeability, which is defined as the volume 

of water passing through a unit surface area of membrane per unit of pressure applied.  A more 

direct measure of fouling is the change in TMP over a production cycle and between consecutive 

cycles.  There are two well defined categories of fouling, reversible and irreversible.  Figure 2.6 

illustrates two production cycles and the impact fouling can have on TMP.  Reversible fouling is 

defined by the restoration of the initial TMP from the start of the previous production cycle by the 

use of either a backpulse or relaxation period (Fernandez-Guinzbourg, 2002).  It most often occurs 

due to a buildup of solids on the membrane surface (cake layer formation) or concentration 

polarization (defined below) near the membrane surface (Guo et al., 2012).  A measured reversible 

fouling rate of >0.1 mbar/min is usually found, making it easy to identify in fouling experiments 

(Drews, 2010).  Irreversible fouling is defined by the difference in pressure at the start of a cycle 

compared to previous cycle (increasing cycle-to-cycle) and requires a chemical clean to recover 

permeability (Fernandez-Guinzbourg, 2002).  Fouling of this nature is most often caused by 

surface adsorption or pore clogging particles (Guo et al, 2012).  In addition to reversible and 
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irreversible fouling, Drews (2010) notes that during long-term full-scale operation two more 

fouling mechanisms exist: residual (fouling between maintenance cleans that is recovered with the 

clean) and irrecoverable (long term loss, not recoverable with cleaning). 

 

 

Figure 2-6: Illustration of Concept of Fouling Impact on TMP 

 

A number of different studies have attempted to define the causes and types of fouling within the 

two main categories – reversible and irreversible fouling.  Guo et al. (2012) and Johir (2012) note 

that there are six principal fouling mechanisms recognized by most authors today: 

1. Pore Blocking 

2. Cake Formation 

3. Concentration Polarization (CP) 

4. Organic Adsorption 

5. Inorganic Precipitation 

6. Biological Fouling 

 

Pore blocking is the first phase of fouling that occurs when permeation is started and it is often 

considered the most severe form of fouling.  The concept of blocking was the earliest defined 

mechanism and has been presented in a number of papers which give specific definitions to 

describe how particles arriving at the membrane surface may behave (Choi et al, 2005; Ognier et 
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al, 2002; Cui et al, 2003).  Small colloidal particles can enter the membrane pores and decrease 

pore diameter by physical plugging or by absorption into the membrane (Jiang et al., 2003).  This 

is often referred to as ‘Standard Blocking’.  A particle which settles on the membrane surface and 

completely obstructs a pore is unsurprisingly referred to as ‘Complete Blocking’ (Ognier et al., 

2002).  Complete blocking can also occur if the standard blocking effect completely plugs the 

inside of the pore.  If a particle partially obstructs a pore, or covers other particles forming a more 

complete restriction, this is called ‘Intermediate Blocking’ (Le-Clech et al., 2006).  While 

techniques to identify all of these blocking concepts have been documented, these techniques are 

difficult to perform in larger scale systems (Le-Clech et al., 2006).  For the purposes of this 

discussion, the general term ‘blocking’ will be used but it is assumed that any or all forms may be 

occurring.     

 

Unlike pore blocking the next mechanism of fouling, cake formation, is more readily measured in 

operation (see Chapter 3).  As particles build up on the membrane surface, loose layers begin to 

form on the membrane like the layers in a cake.  Since different components of the biomass can 

contribute to the cake layers, flow pathways are created to the membrane surface (Figure 2.7) and 

the cake acts as a microfiltration layer prior to the membrane (Drews, 2010; Guo et al., 2012).  The 

layer controls both the transport of materials to/from the surface of the membrane as well as the 

removal of particles that might otherwise block the pores.  Interaction between suspended colloids 

or those in the cake in a mixed species environment can potentially significantly change the nature 

of the foulant layer in terms of resistance and reversibility, even for simple pilot systems (Le-Clech 

et al., 2006).  Cake layer permeability can be impacted by particle shape, size, and type as well as 

operational parameters applied to the MBR such as MLSS concentration (Guo et al., 2012).  

Additionally this foulant layer can be subject to compressibility that can further restrict the flow 

paths to the membrane surface (Liang et al., 2011).  It is the cake layer and its impact on 

performance which was of specific interest to the research presented here. 
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Figure 2-7: Illustration of the Construction of a Cake Layer at the Membrane Surface 

 

After the cake layer begins to accumulate the final mechanism of particulate fouling, concentration 

polarization (CP) begins to occur.  This happens when the concentration of solutes and/or particles 

at the membrane surface is higher than the surrounding bulk solution and the imbalance leads to 

back diffusion (Guo et al., 2012).  This mechanism of fouling depends on the applied flux as well 

as the boundary layer mass transfer and can be impacted both positively and negatively by the cake 

layer.  When the cake layer prevents back diffusion away from the membrane surface due to the 

nature or thickness of the cake, this is called cake enhanced concentration polarization (CECP) or 

cake enhanced osmotic pressure (CEOP) (Guo et al., 2012).  Many recent studies have focused on 

the impact of CECP/CEOP in combination with the impact of cake compressibility (Liang et al., 

2011).   

 

The remaining three mechanisms of fouling are not specifically considered to be particulate fouling 

mechanisms but can also be of concern for membrane performance.  Organic foulants can adsorb 

into the membrane and restrict flow pathways for filtered water.  They can also form a gel layer 

on the surface of the membrane that is hard to remove without chemical cleaning (Guo et al., 

2012).  This gel layer can cause particles to bind together and form a low permeability cake layer 



20 

 

on the membrane surface that leads to fouling (Drews., 2010).  Similarly, inorganic foulants can 

cause fouling if precipitation occurs in the membrane pores, on the membrane surface, or within 

the cake layer.  Finally, biological fouling, that caused by extra-cellular polymeric substances 

(EPS), soluble microbial products (SMP), and other biological foulants have in recent years been 

a big focus of research (Drews, 2010; Guo et al., 2012).  The following two sections address this 

type of fouling in a little more detail since it relates to the operational conditions that impact 

fouling. 

 

In general, with the exception of blocking particles that are absorbed into the membrane surface 

and reduce the pore diameter, all forms of blocking and cake layer fouling are considered initially 

reversible (Le-Clech et al., 2006).  Pores may be cleared of particles through a backpulse of water, 

and cake may be removed by aeration.  However over time, reversible fouling can become 

irreversible fouling as the layers condense and compact (i.e. dewatering begins) resulting in a 

higher resistance to removal mechanisms and eventually a chemical clean is required to restore 

permeability (Choi et al., 2005).  Since it is this irreversible fouling which controls the performance 

limits of the membrane, any operation techniques (i.e. shear-induced cross-flow) that can control 

the reversible fouling thereby limiting the development of irreversible fouling, will improve the 

performance (Liang et al., 2011).  Four key factors impact fouling – membrane design, biological 

operation, membrane operation, and sludge characteristics (Drews, 2010).  With respect to 

membrane design, this refers not only to the nature of the membrane chemistry (pore size, 

frequency, etc.) but also the module dimension, design, and aerator design can all impact the 

fouling.  The module and cassette geometry as it relates to the tank design is also an influence on 

hydrodynamics and therefore fouling control (Johir, 2012).  Every time filtration is started again, 

a new cake layer occurs at the membrane surface and the new layer’s characteristics depend on the 

hydrodynamic conditions (Böhm et al., 2012).  The following sections address the role many of 

the key parameters play in overall membrane fouling control and therefore membrane 

performance. 
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2.3.2 Role of feed characteristics 

Fouling in membrane bioreactors is for the most part affected by the interactions between the 

membrane and the biological suspension rather than the raw wastewater.  Constituents in raw feed 

can affect things like extra-cellular polymeric substance (EPS) levels, but only indirectly, as the 

biomass changes to suit the feed (Drews, 2010).  For example, Le-Clech et al. (2003a) found that 

the protein in measured EPS was significantly lower when synthetic sewage (COD = 460 mg/L) 

was used to feed an MBR in comparison to real raw sewage (COD = 140 mg/L).  At the same time, 

the fouling rates were significantly higher when using the synthetic sewage.  High levels of salinity 

in the feed (i.e. Florida MBR systems) or spikes in specific feed constituents (i.e. oil spill enters 

sewer) can also cause rapid changes in the biomass and high levels of fouling.  Lin et al. (2004) 

have shown a link between feed characteristics and inorganic scaling on membranes.  Even two 

identical MBRs operated in parallel with the same municipal feed for two years have been found 

to have different fouling rates (Lesjean et al., 2005).  Thus monitoring of the feed parameters 

(influent COD, BOD, fecal, etc.) is important to try and identify potential factors influencing the 

biomass characteristics, and therefore the membrane performance. 

 

2.3.3 Role of biomass characteristics 

The biomass characteristics play a significant role in the type and rate of fouling that occurs in a 

membrane bioreactor.  Early researchers found evidence to suggest that the MLSS concentration 

alone was the governing factor in fouling rates however more recent studies have suggested that 

the role microbiology-membrane interactions have on the overall performance is more important 

(Drews, 2010).  Focus is now on EPS, SMP as well as biopolymer clusters (BPC) and transparent 

exopolymer particles (TEP) and the acknowledgement that these particles can be microbial in 

origin as well as terrestrial or man-made (Drews, 2010).   

 

Activated sludge is composed of biological flocs formed by a large range of living micro-

organisms as well as a number of constituents that can be generalized as suspended solids, particles 

or colloids.  To complicate matters the bulk biomass physiological characteristics change 

according to the operating conditions, which makes fouling processes very unpredictable (Le-

Clech et al., 2003a; Drews, 2010).  While many researchers have tried to determine which 
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components contribute the most to fouling, a comprehensive conclusion has not yet been reached.  

Lesjean et al. (2005) ran two identical pilots and applied a simple cake layer model to try and 

monitor the effects of different characteristics.  While they found a linear relationship between the 

concentration of polysaccharides (a component of EPS) and the fouling rate, the mechanical 

interaction between soluble or colloidal organic substances in the sludge water phase and the 

membrane remained unclear.  In an attempt to control sludge characteristics, Wang et al. (2006) 

returned the filtrate to their MBR pilot.  However, this was shown to create abnormally stable 

sludge characteristics as less fresh feed was required.  Le-Clech et al. (2006) reported on several 

studies that looked at the nature of the floc and types of organism present.  In one study high levels 

of filamentous bacteria were found to cause high levels of EPS and more irregular floc shape which 

might suggest why membranes foul more when filamentous bacteria are present (Le-Clech et al., 

2006).  However, in another study when EPS levels were shown to be stable, SMP levels were 

found to have direct relationships with filterability and fouling levels (Drews, 2010). 

 

Another complicating factor is that hydrodynamics can affect the biological fouling from EPS, 

SMP and other constituents.  High shear events in the bioreactor from process aeration, membrane 

aeration, mechanical mixing, or recirculation pumping can cause the release of EPS by reducing 

the biological diversity and slowing down the growth rate of fauna (Menniti et al., 2009; Rochex 

et al., 2008).  A high death rate of bacteria can result in EPS release and if this occurs in the cake 

layer on the membrane surface, it could lead to a sudden jump in fouling (Braak et al., 2011).  

Menniti et al. (2009) explored the impact of shear rate on EPS production in MBR and found that 

high shear can lead to the release of SMP that could cause membrane fouling.  It is important 

therefore to take into account the operational design and hydrodynamics of a MBR when trying to 

design for membrane fouling control.   

 

Temperature of the biomass can also play a role in the biomass composition and membrane fouling.  

If the biomass temperature decreases it can cause EPS and SMP levels to rise into a range that can 

cause pore blocking (Drews, 2010).  Temperature also impacts the viscosity of the biomass, which 

in turn can modify bubble size and affect both the dissolved oxygen levels in the aerobic zone and 

dampen movement of hollow fibres in submerged bundles (Wicaksana et al., 2006; Van der Marel 

et al., 2009).  Changes in the mixed liquor viscosity can in turn impact the shear stresses close to 
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the membrane surface reducing the ability of aeration to control fouling, cause deflocculation and 

biodegradation, and increase the release of EPS (Drews, 2010).  Ensuring good oxygen transfer, 

which can also be impacted by temperature is important since higher DO levels have been found 

to increases particle size and lead to better filterability and lower fouling (Le-Clech et al. 2006).  

Further low DO levels have been shown to cause rapid increases in EPS levels, which could cause 

sudden and rapid membrane fouling (Le-Clech et al. 2006).   

 

A final important characteristic is the sludge filterability, which is directly influenced by the 

composition of the biomass.  There are a number of techniques to measure the general filterability, 

including capillary suction time (CST) which is based on conductivity, time-to-filter (TTF) which 

mimics vacuum-based membrane systems and paper-filter test (PFT) which mimics gravity driven 

systems.  Wang et al. (2006) used CST as a comprehensive parameter to represent the overall 

filterability and dewaterability of the sludge in their experiments.  They found a correlation 

equation between their flux and CST data (critical flux = 338/CST) but this correlation has not yet 

been tested on other MBR systems (Wang et al. 2006).  Relationships between CST and viscosity 

(Brookes et al. 2003) and CST and SMP levels (Grelier et al. 2005) have also been observed.  In 

practice, the TTF and PFT tests have been more readily adopted due to the ease in performing 

these tests.  For submerged vacuum-based MBR systems, the ideal TTF range is below 200 

seconds to filter 100 mL of a 200 mL biomass sample through a 1.5 μm filter at 15 mm Hg (Figure 

2.8).  For the purposes of the research, TTF was used to monitor filterability. 
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Figure 2-8: Expected TTF ranges 

2.3.4 Influence of membrane design 

One of the most important considerations in the effectiveness of fouling control is the design of 

the modules and cassettes.  As illustrated in Figure 2.3, there are many different design approaches 

taken by membrane manufacturers.  Understanding how a particular design and the variables 

within that design, i.e. vertical hollow fibres with certain spacing, can affect performance and 

aeration effectiveness is critical when determining operating strategies.  A number of papers have 

explored the importance of module design over the years.  One of the first areas examined was the 

diameter and length of the membrane fibre itself.  A submerged hollow fibre membrane has the 

inherent drawback of the internal pressure drop caused by applying the permeate vacuum to create 

suction forces (Braak et al., 2011).  Yoon et al. (2004b) found that there are different optimal fibre 

diameters for the same fibre lengths based on permeation strategy (single end or both ends) for 

submerged hollow fibre membranes.  For a fibre length range of 1 to 1.9 m, permeation from both 

ends required a fibre outer diameter of 1.3 to 2.1 mm, while permeation from a single end required 

a 2.26-3.25 mm OD (Yoon et al. 2004b) to achieve optimal fouling control.  A similar result was 

found by Fane et al. (2002) when the performance of 0.65 and 2.7 mm OD fibres were compared.  

The smaller diameter fibres showed better performance at high fluxes even with the higher internal 

pressure drop caused by the smaller inner diameter.  The authors suggest that the increased 
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flexibility of the smaller fibre allowed more movement during aeration, and therefore more 

removal of fouling constituents (Fane et al. 2002).  More recent research with the same fibre 

diameters supports this conclusion, with the added observation that the smaller 0.65 mm fibre had 

amplitude of 3 cm while the larger 2.7 mm fibre could only move 1 cm horizontally (Wicaksana 

et al.  2006). 

 

Related to the selection of fibre size and length is the application of suction leading to imbalanced 

permeation.  Local flow may be stronger closer to the suction points at first, leading to higher 

fluxes than the applied average (Braak et al., 2011).  In a double header module, the flux will be 

highest closest to the headers at first.  As the membrane slowly fouls, a “fouling front” may occur 

that moves towards the middle of the fibre from both headers and leads to loss of permeability 

over the entire length of the fibre.  Figure 2.9 illustrates this concept.  The fouling builds at the 

highest point of flux, reducing the amount of flux at that location and increasing the flux further 

from the suction point(s).  The fouling then increases at the next point of high flux, eventually 

leading to the entire length of the membrane fibre losing permeability (Braak et al., 2011). 

 

 

Figure 2-9: Illustration of Fouling Front Concept 
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The location of a fibre in a bundle of fibres is also an important design parameter consideration 

that can have an impact on the amount of fouling the fibre experiences.  Yeo et al. (2006) conducted 

a study with a 3 x 3 square bundle of fibres and applied a low flux that caused observable slow 

fouling to occur.  Each fibre had the same flux applied initially but Yeo et al. (2006) found that 

after 180 minutes the highest flux was on the four corner fibres followed by the side ones and the 

lowest was recorded for the centre fibre (22, 18 and 15 lmh respectively).  The poor performance 

of the middle fibre was suggested to be due to mechanical resistance of the bundle and permeate 

competition between the fibres.  Additional tests were conducted where the centre fibre was 

allowed to filter with and without the other fibres filtering and it was found that permeate 

competition was dominant over bundle resistance (Yeo et al., 2006).  This implies fibre bundle 

design and packing density is of great importance in fouling control (Braak et al., 2011).   

 

Packing density of modules, which is most often defined as the total permeating surface area of 

the membranes in a given cassette footprint or volume, is a key design component that must be 

considered.  Higher packing densities can reduce the capital and lifecycle costs of a treatment plant 

by shrinking the size of the membrane area required to treat a certain flow rate but the savings may 

come at the cost of poor fouling control (Braak et al., 2011).  First more particles have been found 

to adhere to fibres in tightly packed bundles, especially in the centre where cake removal is 

challenging (Braak et al., 2011).  The module packing density has been found to be directly 

proportional to both the hydraulic up-flow and the aeration fouling control efficiency (Yoon et al. 

2004b).  In developing a model for membrane fouling, Yoon et al. (2004b) made an assumption 

of 50% packing density and found good fouling control.  A low packing density allowed for good 

aeration bubble penetration into the membranes.  Chan et al. (2007) found that better flow paths 

for bubbles exist if the fibre bundle is loose as the bubbles are not confined to a specific region of 

the module.  The fibre-to-fibre distance as well as the spacing of the modules has also been found 

to play a direct role in fouling control.  Tight fibre-to-fibre spacing can create a shielding effect 

that prevents aeration bubbles from reaching all of the fibres in the bundle (Böhm et al., 2012).  

Narrow spacing can cause resistance and prevent bubbles from rising between modules while wide 

spacing can promote better shear, however wider spacing reduces the packing density and 

therefore requires bigger treatment footprints (Böhm et al., 2012).  The trend in industry today is 

for the packing density to be substantially higher than it was ten years ago in order to minimize 
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membrane costs (Judd, 2011).  However, there is an upper limit on packing density as it relates to 

shear stress which is not yet fully understood, and which must be explored in combination with 

new methods of aeration in order to maximize cost savings while continuing to control fouling. 

 

Fibre slack, the amount of “extra” length of fibre allowed between the module headers, is another 

key component of fouling control.  Slack is generally a measure of the distance between the ends 

of the fibre divided by the fibre length (Wicaksana et al. 2006).  A module with no slack would 

not allow fibre movement, while a module with too much slack might result in severe sludge 

accumulation.  Single header designs can be considered to have 100% slack, as one end of the fibre 

is unrestrained.  Wicaksana et al. (2006) observed that increasing the tightness of the fibre bundle 

from 4% slack to 0% slack resulted in a rise in TMP from 0.07 kPa/min to >0.1 kPa/min.  For this 

same test it was also noted that the decrease in slack dropped the fibre amplitude from 17 cm to 

0.8 cm.  The authors also tested the effects of mechanical movement of the fibre versus movement 

through aeration and found that mechanical movement could control the fouling (19 kPa rise over 

60 minutes) but not as effectively as aeration (2 kPa over 60 minutes).  Bérubé and Lei (2006) 

found that allowing some fibre slack promoted lateral sway that could enhance the number of 

fibres being exposed to bubble induced shear stress.  The allowed movement also increased the 

fibre-to-fibre contact that could enhance flux by mechanical erosion of the cake layer.  After 

conducting several tests, Bérubé and Lei (2006) concluded that the fibre-to-fibre collisions could 

produce shear stress on an order of magnitude higher than the shear stress generated by air sparging 

alone.  This demonstrates the importance of the fibre slack allowed in a module design and shows 

that taking into account all of the module design parameters is a critical component of fouling 

control. 

 

2.3.5 Influence of operation parameters 

The operation parameters in an MBR can arguably have the largest impact on membrane fouling, 

because the biomass characteristics and module design performance rely heavily on proper 

operation of the system.  There are a number of operating parameters that can influence system 

performance, but generally SRT, MLSS, aeration rate and frequency, operating flux, and cleaning 
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strategies have the largest impact.  This section will address the effects of SRT, MLSS, flux and 

cleaning strategies while the effects of aeration are discussed in detail in Section 2.5. 

 

The effects of altering the solids retention time in an MBR have been well documented in the 

literature.  Since SRT and hydraulic retention time (HRT) are independent in MBR systems, it is 

possible to operate at very short or very long SRTs.  In early MBR systems, SRTs of up to 100 

days with MLSS up to 30 g/L were common.  Lengthening the SRT was found to reduce the 

amount of sludge that must be wasted and treated, representing an associated lifecycle cost savings 

(Yoon et al. 2004a).  However, this reduction in sludge production came at the expense of 

increasing the amount of aeration required (Yoon et al. 2004a).  Later research showed that it was 

more beneficial to lower the SRT to 10-20 days and lower the MLSS to 10-15 g/L in the membrane 

zone (Le-Clech et al. 2006).  Longer SRTs were originally promoted as improving filterability 

however Lesjean et al. (2005) decreased SRT from 26 to 8 days (with MLSS held steady) and 

found that it didn’t worsen filtration properties, contradicting the theory.  Adjusting the SRT has 

also been shown to have an impact on the levels of EPS and SMP in the system.  Le-Clech et al. 

(2006) suggest that increasing SRT results in an increased floc size, capturing more of the small 

colloids in the floc and leaving fewer particles available to plug membrane pores.  They point out 

that decreased EPS and SMP levels have been observed when SRT is increased up to 30 days; 

beyond 30 days SRT appeared to have no influence on EPS levels (Le-Clech et al. 2006).   

 

Another concern with high SRT is the resulting high MLSS concentrations, which can increase 

the viscosity of the biomass.  Le-Clech et al. (2003b) conducted a study where the viscosity was 

obtained for four different shear rates (7, 25, 61 and 122 s-1) over a range of MLSS concentrations 

from 5 to 18 g/L.  They found that as the MLSS concentration increased the viscosity of the 

biomass increased from below 10 mPa-s to close to 50 mPa-s for the four higher shear rates.  In 

the case of the lowest shear rate of 7 s-1, the viscosity actually reached a value of ~105 mPa-s when 

the MLSS reached 16 g/L.  Under very high MLSS conditions, increasing aeration rate has not 

been shown to help reduce fouling as would be expected due to the increased shear.  Van Kaam et 

al. (2008) found a relationship between the length of time after a high shear that the membrane 

aeration was shut off and floc size when conducting rheological measurements.  The stability of 

the activated sludge was found to evolve with the applied shear stress and intermittent aeration 
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helped to prevent fouling (Van Kaam et al., 2008).  This is because the increased shear to control 

fouling can cause floc breakup and promote cell lysis, resulting in higher levels of EPS and SMP 

(Le-Clech et al. 2006).  However, the effect of mixed liquor viscosity on aeration-induced shear is 

still not fully understood.  Mixed liquor is a non-Newtonian pseudoplastic; that is with increased 

shear mixed liquor viscosity decreases.  Since aeration induces shear, the higher the aeration levels 

the more the shear is reduced.  More research is still required in this area to fully understand the 

relationship between fouling rates, aeration induced shear and mixed liquor viscosity.     

 

The selection and control of the operational flux can have a direct impact on the amount of fouling 

in an MBR.  Since an MBR is economical only if it delivers reasonable flux rates without 

significant fouling, a sustainable flux that results in a slow rise in TMP recoverable by physical 

cleaning only is the general target in industry.  However economic pressures to maximize the 

amount of water produced per area of membrane installed contradicts this design direction (Fane 

et al. 2002).  There are two general concepts: critical flux and sustainable flux, which must be 

considered for MBR operation.  “The critical flux hypothesis for microfiltration is that on start-up 

there exists a flux below which a decline of flux with time does not occur; above it, fouling is 

observed” (Field et al. 1995).  The definition of critical flux has since been modified to include 

both a weak and a strong form.   In the weak form, the sub-critical flux is the flux rapidly 

established and maintained during the start-up of the filtration, but does not necessarily equate to 

the clean water flux (Le-Clech et al. 2003).  In the strong form, flux obtained during sub-critical 

flux is equal to the clean water flux obtained under the same conditions (Le-Clech et al. 2003).  

Regardless of which definition is used, understanding that there is a flux above which operation 

will result in rapid fouling is important for design of MBR systems.  Often the short term peak 

flows in the system will be allowed to operate at fluxes which exceed this critical value.  However, 

for average daily flow design sustainable flux is a better measure of system performance as it 

represents the flux which will allow acceptable operating periods without the need for cleaning 

(Fane et al. 2002).  The concept of critical flux was used for short term system analysis in the 

research presented here and is discussed in more detail in Chapter 3.   

 

There are two distinct types of cleaning strategies used in MBR systems: physical and chemical.  

The physical cleaning techniques, backwash and relaxation, are used to help mitigate fouling 
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between each production cycle and prolong the intervals between chemical cleans.  Backwash 

removes reversible fouling from inside the pores.  Backwashing for longer periods (9m/1m vs. 

5m/30s) has been found to be more effective (Le-Clech et al. 2006).  While effective, the cost to 

apply backwash can be high in terms of both capital costs and energy consumption and many MBR 

systems are now built without it.  Relaxation in comparison can be very cost effective (Braak et 

al., 2011).  It allows for back transport of foulants away from the membrane surface by temporarily 

stopping the convective flow towards the membrane surface (Braak et al., 2011).  Relaxation also 

allows for the loosening of the cake layer, by allowing the bubbles formed by membrane aeration 

to sweep it away (Cui et al. 2003).  When physical cleaning strategies can no longer control the 

fouling rate, and TMP begins to rise rapidly, chemical cleans are used.  Each membrane 

manufacturer has their own approaches to chemical cleans, but in general there are two types: short 

cleans for maintenance and longer soak cleans for full permeability recovery (Judd, 2011).  

Depending on the type of fouling, different chemical cleans are used.  For removal of organics 

sodium hypochlorite (NaOCl) cleans are typically used, while for inorganics removal citric acid 

(or similar) are used.  The frequency of chemical cleans is dependent on the operation flux and 

level of fouling. 

 

2.4 Impact of Scale of System on Results 

One of the biggest challenges for MBR researchers is the ability to interpret results from 

experiments and apply the findings to full-scale systems to better improve performance.  Drews 

(2010) noted that while over 30% of all MBR research published at the time of his review dealt 

with the issue of membrane fouling only a small handful of those investigations were conducted 

on full-scale systems.  The phenomena that govern full-scale systems and are important to fouling 

control discussions have been shown to vary significantly from lab-scale systems (Buetehorn et 

al., 2012).  Fouling mechanisms have been found at full-scale systems that could not be explained 

with current knowledge based on lab-scale results (Lyko et al., 2007).  The rheology of the 

activated sludge, particle size distribution within it, hydrodynamic forces, membrane fibre 

movement and the fouling influencers all can differ and must be taken into account (Buetehorn et 

al., 2012; Drews, 2010).  Two key areas of concern when looking at fouling control are the mixed 

liquor characteristics and the membrane operation and design. 
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Braak et al. (2011) found that many studies used small lab-scale systems and synthetic mixed 

liquor making it difficult to determine the ideal aeration, module design and operational parameters 

for full-scale systems from the results.  Use of yeast, model polymers or other methods to mimic 

wastewater in lab trials resulted in very stable and controllable results compared to those where 

lab trials used real wastewater, suggesting that the findings were not representative of real world 

scenarios (Drews, 2010).  As discussed in Section 1.3, the mixed liquor properties can vary 

depending on the composition of the raw wastewater as well as the temperature and operational 

parameters.  Feed parameters can fluctuate much more at full-scale, which can give rise to very 

different fouling mechanisms (Drews, 2010).  This means that while artificial suspensions are 

useful in lab-scale for ensuring stable and repeatable results, the ability to transfer these results to 

full-scale application is limited (Buetehorn et al., 2012).  Trials that did use real wastewater were 

able to include the influence of rheology, surface tension, and particulate and dissolved 

constituents on fouling control (Böhm et al., 2012).  Therefore, any study considering the impact 

of membrane scale on performance should make use of real wastewater with similar feed 

characteristics for all testing. 

 

Membrane operation and design is also of importance when considering the impact of system scale 

on experimental results.  Bugge et al. (2012) conducted experiments at lab-scale using pressure 

stepping to consider the compressibility of the cake layer but commented that their results were 

not totally representative since full-scale MBRs are most often operated under increasing TMP 

with the flux fixed instead.  Higher liquid levels in full-scale systems influence crossflow and 

bubble rise, resulting in higher velocities than those observed in lab-scale or pilot systems (Böhm 

et al., 2012).  Since membrane aeration is the key component for controlling reversible fouling, 

operational set points should be based on full-scale systems, otherwise extrapolation of results will 

be impossible (Drews, 2010).  Full length fibres and therefore full-size modules are required to 

allow for aeration bubbles to achieve terminal velocity and size in fouling control studies (Böhm 

et al., 2012; Buetehorn et al., 2012).  Operation at full-scale is also required since the level of 

fouling SMP concentrations in lab and pilot-scale systems has been shown to be significantly 

higher than full-scale plants and this is likely due to the different energy input from aeration-driven 

shear stress (Drews, 2010).  While lab-scale experiments are an indispensable tool for fouling 
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studies, only operation at full-scale conditions with full-scale modules can provide insight into 

overall performance (Drews, 2010; Buetehorn et al., 2012).   

 

2.5 Aeration as a method of cake layer fouling control 

The most common method of reversible fouling control in membrane bioreactors is aeration of the 

hollow fibres or flat sheets.  The benefit of using aeration as a transport process has been 

understood for over 100 years.  In 1885 M.G. Farmer filed a patent for an apparatus to refine 

copper using electricity, and stated fouling of the anode would be controlled by “…washing the 

anode surfaces by forcing jets of air against the same” (Cui et al. 2003).  T. Imasaka introduced a 

method in 1988 for using bubbles to enhance membrane processes for a cross-flow microfiltration 

process coupled with an anaerobic digester, while in the same year a patent from Tajima and 

Yamamoto describes intermittent air bubbling around the fibres to ‘vibrate’ the hollow fibres to 

remove solid particles trapped thereby’ (Cui et al. 2003).  Ebara and ZENON further developed 

and patented this concept of using aeration for fouling control in the early 1990s.  Both companies 

recognized the need for vigorous coarse bubbling (2-5mm dia. bubbles preferred) and the 

advantages of loose fibres (1-5%) (Cui et al. 2003).  In the early 2000’s, ZENON further refined 

membrane aeration by developing cyclic (on/off) or intermittent aeration that reduced the amount 

of air required per square foot of membrane surface area (Guibert 2000).  And most recently both 

Siemens and GE introduced pulsed aeration that has all the benefits of intermittent without 

requiring any mechanical components to control the on/off air release (Park et al., 2015).  

However, before the role of aeration can be discussed in detail, it is important to understand the 

hydraulic interactions occurring in or around the membranes. 

2.5.1 Tank hydraulics and interactions at the membrane surface 

In a typical submerged MBR system mixed liquor is introduced to the membrane zone at one end 

and is removed at the other end.  As the mixed liquor flows through the membrane zone it must 

move around or through the modules.  High zones of crossflow in the membrane tank design are 

used to promote lower fouling and ensure no stagnate zones exist where the MLSS concentration 

can be significantly higher than the surrounding liquor (Böhm et al., 2012).  Mixed liquor is a 

slurry mixture of water and solids, and can be considered to have properties similar to water while 

in its liquid form.  However, it is also a non-Newtonian fluid with decreasing viscosity as shear 
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forces are increased.  Introducing membrane aeration into the modules can lead to shear stress 

changes along the fibre and is a good method of fouling control.  When membrane aeration is 

introduced to the module, the air bubbles formed are less dense than the surrounding mixed liquor 

and begin to rise towards the water surface due to buoyancy forces.  As the bubbles rise upwards, 

the mixed liquor is drawn in to the bubble wakes.  The rising air bubbles also displace the mixed 

liquor above them.  This gas/liquid two-phase flow has been shown to significantly enhance the 

performance of the membrane process versus increasing liquid flow alone and has been applied 

extensively in MBR systems since the early 1990’s (Sheng and Fane, 2001; Drews, 2010).  Finally, 

the extraction of water from the mixed liquor via membrane permeation draws flow into the 

modules.  All of these interactions create circulation patterns within the tank that act to transport 

mixed liquor into and out of the modules as it flows across the tank as shown in Figure 2.10.     

 

 

Figure 2-10: Fluid Interactions in Membrane Tank 

 

Mixed liquor is transported towards the membranes by the convective forces at work in the 

membrane tank.  The amount of solids mass transported towards the membrane surface is referred 

to as the solids mass flux and can be calculated from:.   

 

𝑆𝑀𝐹 =
𝜌𝑆𝐿𝑄𝑝

𝐴𝑚
=

𝜌𝑆𝐿𝐽𝑁𝑇𝐴𝑚

𝐴𝑚
= 𝜌𝑆𝐿𝐽𝑁𝑇        (2.1) 
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The SMF is simply a function of the net permeate flux (jnet) and the density of the mixed liquor 

(ρSL) which is a slurry density combining the density of water and MLSS concentration in the 

membrane zone.   

The term ρSL is determined using the common slurry density calculation: 

 

𝜌𝑆𝐿 = 100%/(
%𝑆

𝜌𝑆
+

(100%−%𝑆)

𝜌𝑙
)       (2.2) 

 

where the density of the solids ρs = 1450 kg/m3 (Bannock et al., 2010), the density of the liquid is 

that of water ρl = 998.2 kg/m3 and the solids concentration is the MLSS concentration in g/L 

converted to a percent of the solids mass fraction (%S).  In reality the MLSS concentration can 

vary across the membrane zone, but for simplicity an average value is assumed, typically in the 

range of 10-12 g/L which is the inlet design target for MBR systems.   

 

The net permeate flux is a function of the instantaneous flux (ji) applied to the membranes and the 

production cycle time and corrected for temperature (Eq.2.3).  If a system used backpulse, the 

pump flow and valve operation time must be included whereas a system using relax mode has a 

more simplified calculation (Eq.2.4). 
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If T < 20 
  T

iCi jj  20

*20 033.1  

If T ≥ 20 
  T

iCi jj  20

*20 025.1  

 

It is important to note that the instantaneous flux should be corrected for the effects of temperature 

on water viscosity by applying one of the two correction factors given (Eq.2.5). 
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The extraction of water out of the mixed liquor at the membrane surface results in the accumulation 

of the cake layer (Figure 2.11) as described in Section 2.3.  This accumulation at the membrane 

surface can restrict flow and increase the transmembrane pressure (Cui and Taha, 2006).  If no 

mechanism is present to limit the accumulation at the membrane surface, then the TMP will 

continue to rise until a point is reached where no further water can be drawn into the membranes.  

Any technique which thins or disturbs the accumulation helps to combat membrane fouling and 

enhance the mass transfer, thereby enhancing the permeate flux (Cui and Taha 2006).  When it 

was recognized in 1960’s that wall shear stresses along the membrane surface improve 

performance of the membranes because the forces cause re-entrainment of polarized and deposited 

solutes, techniques to maximize these shear forces were sought (Belfort et al. 1994).  Since aeration 

of the membranes can produce significant shear forces, aeration is the most common ablation 

method used today.   

 

 

Figure 2-11: Interactions at Membrane Surface 
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2.5.2 Aeration induced surface shear forces and bubble characteristics 

A rising bubble, when sufficiently close to a fibre, influences the flow around it because of the 

shear forces it generates (Sridharan and Law 2006).  Depending on the type and shape of bubble 

formed, different interactions can be expected.  The most common shape of bubble traditionally 

described in the literature is the spherical cap bubble (db >15mm) (Figure 2.12) however other 

bubble shapes can also be expected.  In practice, the bubbles created at the aerators collide and 

form larger bubbles while rising, often resulting in an air-liquid slug flow pattern confined to the 

inter-fibre paths (Figure 2.13).  Slug flow was shown to be the ideal flow regime for higher solids 

removal in early studies (Chang and Judd, 2002).  Several studies than found that very small 

bubbles (db < 5mm) could induce higher crossflow velocities than the larger bubbles indicating 

better fouling control (Sofia et al., 2004; Fane et al., 2005).  However, the most recent 

investigations, including those by Lu et al. (2008) and Kondo et al. (2010), have found that very 

large bubbles (db > 40mm) are in fact the ideal method to optimize fouling control.  While findings 

of the studies appear controversial at first, the fact is that the techniques used to measure shear 

stress in the fibre bundle and observe bubble size have improved over time and it is likely that 

early studies erroneously missed the formation of larger bubbles due to collisions (Braak et al., 

2011).  Additionally, Fulton et al. (2011) found that it was difficult to find any statistically 

significant correlation between sparged bubble characteristics (count, size, shape, or rise velocity) 

and generated surface shear forces.  The authors concluded that aside from shear forces, other 

mechanisms also induced by the bubbles but not directly related to the characteristics were also at 

play.   
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Figure 2-12: Illustration of Bubble Shear Effects 

 

 

Figure 2-13: Illustration of Large Bubble Aeration Flow Field 
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In general the larger bubbles formed either by collisions of smaller bubbles or intentional cassette 

aerator design can generate the same impact on shear stress.  Cui et al. (2003) suggested the 

formation of three zones along the fibre length as bubbles pass: 

(1) a leading boundary formed on the fibre above the bubble due to the flow of the fluid 

displaced 

(2) a falling film region of fluid next to the bubble  

(3) a wake interaction zone behind the rising bubble with the fibre 

 

As the bubble moves along the fibre, shear transients occur that result in the dispersal of the cake 

layer (Cui et al. 2003).  Depending on the shape and terminal rise velocity of the bubble, different 

wake sizes and therefore shear values are produced.  Yeo et al. (2007) examined the impact bubble 

frequency has on shear stress and found that while bubble-fibre contact was important, it was the 

bubble wake that was the dominate factor in controlling fouling.  Böhm et al. (2012) after 

reviewing recent literature concluded that large bubbles likely create repeat shear events as the 

large bubble wake volume can be more than an order of magnitude greater than the volume of the 

bubble itself.  The authors found that for a given air flow rate Qa, the rate of fouling with large 

spherical cap bubbles (200-400 mL in volume) was approximately 4x lower than with course 

bubbles and 3x lower than with intermittent coarse bubble sparging.  Böhm et al. (2012) suggest 

that strong secondary flows are generated and this in turn improves fouling control with these large 

bubbles.  Kondo et al. (2010) were able to illustrate the cause of the secondary flows by capturing 

the large bubbles on film.  Figure 2.14 presents the similar photos to the types of bubbles captured 

by Kondo et al. (2010) and were provided to this author by R. Bayly who took the original pictures 

in 2009.  The large bubble is approximately 15 cm in size and has an entrained wake of smaller 

bubbles that in turn produce additional eddies.  Compared to the smaller bubbles of >1 cm shown 

in the top image, the large bubble will impart a significantly higher shear to the surrounding 

membrane fibres. 
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Figure 2-14: Examples of Small (Top) and Large (Bottom) Air Sparging Bubbles  

     (Printed with permission from R. Bayly, 2009) 

 

While an examination of the mathematics behind the impact bubble shear forces have on the 

performance of a membrane system is beyond this work, it is still useful to understand the variables 

that control it.  The following is a brief overview discussion of the mathematics behind bubble 

characteristics and shear stresses generated. 

 

Numerous terminal rise velocity equations for air bubbles exist, dependent on the properties of the 

liquid, dimensions of the physical boundaries (if any) and the shape of the bubble.  A number of 

charts using experimental data exist for predicting the terminal rise velocity of a bubble using the 

Eötvös, Morton and Reynolds numbers (Clift et al., 1978). 
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For the calculations de is the equivalent bubble diameter, since the bubbles are often not round in 

shape.  For a spherical-cap shape like that depicted in Figure 2.11, the terminal rise velocity can 

be calculated using Eq.2.9 when the bubble is in an infinite fluid (Clift et al., 1978). 
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When the bubble is in a fluid of fixed dimensions (i.e. in a vessel or with solid objects creating 

walls), the Eötvös number is used to determine which equation to apply. 
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For slug flow in a cylindrical geometry, assuming viscosity and surface tension are negligible, the 

Froude number equation (Eq.2.12) can be applied.   
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  (EO > 100 and M ≤ 10-6)   (2.12) 

 

Surface tension can be neglected in all cases with the exception of small bore tubes (Campos and 

Guedes de Carvalho, 1988).  Viscosity effects can also be negated because under the highly 

turbulent conditions induced by the aeration, mixed liquor viscosity is significantly reduced (Le-

Clech et al. 2003b).  While Wicaksana et al. (2006) demonstrated a retardation of single bubble 

rise velocity under increased viscosity conditions using simulated wastewater; others have shown 

that increased turbulence (i.e. from multiple bubbles) negates the effects of viscosity (Parker, 1970; 

Levy, 1999; Rosenberger et al., 2002).  Until viscosity can be accurately measured within the fibre 

bundle (something not easily accomplished), it can be assumed that bubbles rising in mixed liquor 

behave as if rising in water. 
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Since no specific equations exist for the geometries created between the flexible fibre bundles, and 

the bubbles can combine to form larger gas slugs, a rectangular cross section equation for slugs 

may be applied.  This assumption is predicated on the initial and final geometry encountered by 

the rising bubbles in the system and the general shape of the gaps between modules.  Gaps between 

the bottom and top module headers create channels that restrict the size of bubbles and can elongate 

the shape of larger bubbles into slugs.  This assumption can be evaluated using visual techniques 

to measure the velocity and shape of the rising bubbles or by modifying the module geometry to 

alter the bubble path.  When viscosity and surface tension are negligible the bubbles tend to be 

rounded at the nose and flat at the tail (Levy, 1999).  The viscosity and surface tension assumptions 

made for Eq.2.12 can also be applied to Eq.2.13, allowing the use of Eq.2.13 (Clift et al., 1978) to 

estimate terminal rise velocity of slugs in the system under examination.   
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Knowing the average terminal rise velocity of the bubbles present within the fibres can be useful 

in attempting a basic evaluation of the mass transfer and shear forces occurring along the bubble’s 

path.  It is not possible to calculate the actual values from first principles; experimental data is 

always required.  However, some general assumptions about the nature of the flow can help in 

making an estimate of the forces theoretically.   

 

The three-phase multidirectional flow occurring within the fibre bundle cannot be modeled without 

complex computer code and it is not the intension of this work to attempt to do so.  Rather, 

understanding the way in which the various phases interact can be useful in evaluating 

experimental data and optimizing performance.  The most common approach is to apply a single 

dimension homogeneous two-phase flow methodology.  This allows the assumption that the 

system is completely mixed and for some portion along the rising bubble/liquid interface, the gas 

and liquid velocities are equal (Levy 1999).   
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Under this assumption, the homogenous two-phase flow fluid properties and characteristics can be 

calculated.  Of key importance are the quality of the mixture x  and the void fraction 
H , which 

is a measure of the concentration of gas phase.     
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Chang and Fane (2000) have observed that increasing the void fraction by increasing the volume 

of air in the fibre bundle improves the movement of the fibres and results in lower fouling rates.   

With the homogenous properties the Griffith and Wallis (1961) wall friction model for slug flow 

can be used to estimate the wall shear force.  A liquid Reynolds number that uses the total 

superficial velocity TPU , the hydraulic diameter DH and the homogenous properties can be 

calculated (Eq.2.17).  It is assumed that the bubble velocity UG is equivalent to the terminal rise 

velocity of the bubble UT for calculation of the superficial velocity of the mixture (Eq.2.18). 
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Use of the hydraulic diameter takes the non-circular shape of the module geometry into account.  

A single-phase shear stress for the liquid can be calculated again using the total superficial velocity 

of the mixture and the friction factor corresponding to ReL (Levy, 1999).  And from this a slug 

flow shear stress W  can be calculated (Eq.2.21). 
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Equation 2.21 is predicated on the assumption that only the shear stress caused by the liquid filled 

wake behind the bubble and the upwards liquid flow in the channel needs to be considered.  The 

falling film region and the associated shear forces are neglected by this approach (Levy, 1999).  In 

order to account for the falling film region contribution, the interface between the two phases must 

be evaluated, requiring a separated phase model approach (Levy, 1999).  Under this model, the 

void fraction becomes a measure of the volume occupied by the bubbles 
TB  and the volume 

occupied by the gas entrapped in the liquid and film GS  between bubbles (Eq.2.22).  The interface 

shear i  is a function of the wetted perimeter P, the wall shear stress W , the fluid properties and 

the angle of the flow path from horizontal (Eq.2.23).  In order to solve the separated flow model, 

the individual phase properties must be determined experimentally.  
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Bérubé et al. (2006) developed an electrochemical shear probe that can measure the surface shear 

forces along the fibres.  They found that the shear force along the surface was due to localized high 

liquid velocities and eddies induced by the rising bubble and not the bulk liquid movement.  Shear 

forces when bubbles were present were found to be 3 to 7 (average to peak) times higher than 

single phase (no bubbles) forces (Bérubé et al., 2006).  It was found that the localized liquid 

velocity in the falling film can increase the mass transfer by two orders of magnitude when 

compared to non-air sparged conditions, however the magnitude of the shear force induced by the 

bubble wake can be twice as large as that induced by the falling film velocities.  Further the contact 

between fibres can result in transient peak surface shear forces that are 45% greater than peak 

forces where there is no fibre contact.  Combining this observation with the higher performance of 
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membrane modules where there is some degree of slack suggests that these peak shear forces are 

responsible for higher permeate flux achieved in modules where fibre-to-fibre contact is permitted 

(Bérubé et al., 2006).  Finally, it has been observed that increasing the aeration intensity can 

improve the surface shear forces, and therefore increase the sustainable permeate flux (Bérubé et 

al., 2006; Braak et al., 2011; Guibert, 2000).   

 

2.5.3 Membrane aeration design and flow rate evaluation for fouling control 

Aeration at the local fibre scale has a very large impact on fouling control.  It has been shown to 

influence the movement of fibres, turbulence induced back diffusion, shear stresses at the 

membrane surface and shear stresses in the mixed liquor which can influence floc size and EPS 

release.  The impact of aeration is still not fully understood due to the complex hydrodynamic flow 

fields near the membrane surface (Böhm et al., 2012).  Further, the aerator design and the module 

design have been shown to be interconnected, in terms of how much shear stress is generated by a 

specific air flow, adding yet another level of complexity to the analysis (Drews, 2010).  Aeration 

rate and bubble size, module and tank geometry (membrane spacing, fibre slack, liquid level, 

cross-sectional areas of riser and downcomer, etc.) have decisive effects on the achieved crossflow 

velocity, shear stress and bubble-membrane contact and must be taken into account (Drews, 2010).  

One simple way many authors use to characterize the hydrodynamics of the system is to consider 

the amount of air being introduced to the membranes for a given area (Braak et al., 2011).  To that 

end, three equations are most commonly used in literature: the specific aeration demand per 

membrane area (2.24), the specific aeration demand per volume of permeate treated (2.25) and the 

superficial gas velocity (2.26). 
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The term SADm is not particularly useful as it is unique to each membrane design (Braak et al., 

2011).  In comparison, the term SADp is often viewed as very useful for the membrane industry as 

it provides the aeration demand needed for the modules to produce a specific volume of permeate 

and many consider it a direct indicator of energy use in MBR (Braak et al., 2011).  Judd (2008) 

looked at SADp on full-scale operational MBRs and found values of 50>SADp>10 while Pollet 

(2009) found values on full-scale of 25>SADp>10 with maximum of 65.  In comparison Pollet 

(2009) found SADp values for lab-scale systems of 280>SADp>0.002.  This wide range of values 

illustrates the issue with using this term for assessment of the aeration design for fouling control, 

as pilot and lab-scale operational settings rarely match that applied in full-scale MBRs.  Further in 

practice MBR suppliers do not always think of aeration in this manner and often decouple the 

consideration of aeration demand from the amount of permeate produced even when the goal is 

energy savings.  This is directly due to the fact that aeration is known to be the key to fouling 

control via shear stress generation.  Thus as the term Ua representing the superficial gas velocity 

can be directly linked to the bubble velocity UT discussed in the previous section, it is the most 

useful for consideration.   

 

Drews (2010) noted that Ua is the most appropriate parameter for aeration design as it links the 

applied air flow rate Qa to the upwards flow velocity in the cross-sectional area between fibres or 

modules.  However, since the hollow fibres move, constantly altering the cross-sectional area and 

bubbles can travel through fibre bundles, some researchers have alternatively defined Ua based on 

the membrane area (Judd, 2011).  Regardless of the definition used, Le-Clech et al. (2003a) found 

that increasing the superficial gas velocity always had a positive impact on critical flux.  Böhm et 

al. (2012) noted that more recent studies indicated a plateau for intensity was reached above which 

further increases to Ua did not improve the fouling control.  However, the authors did note that it 

was still a key factor in gauging shear stresses in the highly spatially and temporally variable 

geometry of hollow fibre modules.  By using Ua as an indicator for aeration intensity, a term much 

like the solid mass flux (SMF) term from equation 2.1, can be introduced.   

 

𝐴𝑀𝐹 = 𝜌𝑎𝑈𝑎          (2.27) 
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The AMF value takes into account the amount of aeration being delivered to the membrane surface 

area and is of value in normalizing the aeration rates for different membrane systems when 

comparing performance.  Like the solid mass flux term, the air mass flux concept has not 

previously been presented in literature.  Chapters 4 and 5 will detail the value of both terms when 

evaluating operational and membrane design parameters for fouling control performance.   

 

2.6 Impact of Design and Operational Changes on Total Lifecycle  

In order for membrane bioreactors to compete against conventional activated sludge plants, the 

capital and lifecycle costs must be comparable between the two.  While great strides have been 

made in the reduction of the capital cost of MBRs, the need to use aeration to control fouling 

continues to play a significant role in the lifecycle costs.  Drews (2010) notes that plant design 

remains rather empirical and often decisions are made without having in-depth understanding of 

the factors impacting aeration performance.  This can lead to higher operational costs for the 

membrane system then may really be necessary.  Membrane fouling reduction methods that are 

not optimized have been found to be the main contributor to the still overall high cost of MBR 

versus conventional activated sludge (CAS) systems (Drews, 2010).  Membrane aeration, process 

aeration, and recirculation pumps are the three components in the MBR specific portion of a plant 

(excluding headworks and digesters) that contribute the most to the power costs.  Combined, the 

three can represent the majority of the power consumed by an MBR, as illustrated by the 90% total 

power consumption shown in Figure 2.15.   
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Figure 2-15: Typical Power Consumption of Large MBR Plant 

 

The above breakdown of power consumption is based on the design for the Brightwater 

Wastewater Treatment Plant in King County, Washington, which at an average daily flow rate of 

31 MGD has been the largest operating MBR in the North America since 2010.   

 

With MBR plants now capable of treating the huge volumes of water that conventional plants treat, 

power costs and by extension lifecycle costs are increasingly important.  Much of the membrane 

aeration research to date has focused on improvement of performance through fouling control 

(Braak et al., 2011; Park et al., 2015).  However, the energy impact of new strategies, as well as 

any other changes to process as a result of the strategies, must also be considered.  A strategy that 

reduces fouling but significantly raises the energy consumption may not be worth the improvement 

in sustainable flux.  Conversely, a strategy that reduces the aeration rates or duration to save energy 

may impact the performance too much.  Fane et al. (2005) found that the ideal flux for optimizing 

lifecycle cost may be different than the ideal flux for optimizing fouling control.  Therefore, 

membrane aeration and other strategies for fouling control must take into account the impact both 

power consumption and performance can have on the total plant costs.  Analysis by Young et al. 

(2012) has shown that MBR can be competitive with CAS plants when energy usage and 

performance is optimized.  As highlighted by Park et al. (2015) the major membrane suppliers 

continue to work towards energy reduction via aeration optimization.  The next step is to find ways 

to compare different membrane and operational parameter changes, like aeration improvements, 

against one another without the need for extensive field trials. 
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2.7 Conclusions 

Over the last thirty years a substantial amount of research has been conducted on membrane 

bioreactors and in particular submerged hollow fibre membrane designs.  Control of fouling, 

reduction of capital and lifecycle costs, and module design optimizations have been key areas of 

focus and the competitiveness of today’s commercial market reflects the improvements from these 

research efforts.  As pointed out by Yang et al. (2006) there are still many areas of uncertainty and 

pilot-scale results often prove to be better than full-scale due to the variability in biomass 

constituents and system hydraulics from site to site.  Significant cost reduction can be achieved by 

increasing the flux and/or packing density of the fibre bundle while reducing the aeration rates 

required to control fouling.  However, increasing the membrane flux while simultaneously 

decreasing the membrane aeration rate may eventually lead to an unsustainable solids mass flux 

into the membrane module.  A high SMF combined with a high flux and low AMF will result in 

rapid accumulation of the cake layer on the surface of the membranes.  The system will eventually 

reach maximum TMP levels and have to be chemically cleaned (Braak et al, 2011).  New 

approaches must be found to continue to push the limits of membrane performance while reducing 

both fouling and lifecycle costs.  However, these new approaches cannot be fully explored without 

either testing at full-scale or extrapolating the lab and pilot-scale data using some rational 

methodology.   
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3 METHODOLOGY 

 

This chapter provides details of the general methodology and materials used to conduct the 

research presented within this thesis.  A general overview of the analysis approach applied in the 

research is provided.  Two of the three papers (Chapters 4 and 5) made use of the same test 

facilities, and while some level of detail is given in those papers, a broader overview is given here.  

The specific design of each testing facility, including instrumentation and equipment details, is 

provided.  The modeling approach is also discussed. 

 

3.1 General Analysis Approach 

While details of the specific analysis applied for this research is presented in Chapters 4 through 

6, the overall general approach to analysis was common and is presented here.  Many methods of 

measuring membrane performance by monitoring fouling have been proposed in the literature 

(Drews, 2010; Yang et al., 2006).  Much of the early research into fouling and methods of control 

was performed under constant pressure conditions.  However, the use of constant flux and 

monitoring TMP rise has proven very valuable in monitoring fouling in complex fluids (Le-Clech 

et al., 2006).  For the purposes of this research, the constant flux method was used by applying the 

flux-step approach, often referred to as the critical flux method.  Critical flux is the widely accepted 

method for characterizing short-term membrane fouling and filtration characteristics in MBRs 

(Wang et al., 2006).  It allows for consistent experiments on a particular system under a wide-

range of mixed liquor properties, and it also allows for comparison of the results from different 

systems.  By using the same operational set-points for a series of flux stepping tests on the systems 

in this study, factors such as aeration effectiveness and module design could be compared.  Longer 

term operation could also be used to compare performance of different membrane configurations 

in similar systems however that is beyond the scope of work presented here. 

 

The data collected during the short-term flux-stepping experiments provided useful information in 

two ways.  First the results could be converted into fouling rates, giving a clearer indication of the 

performance of the membranes under the different operation parameters.  Second, the data 

collected could be used to attempt to develop a model for scaling up lab-scale results to full-scale.  
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Additional information was collected through visual studies using an underwater camera in clean 

water and physical inspection of the membranes.  For all systems, the key mixed liquor properties 

were tracked and used in the evaluation to help identify and explain any unexpected results (i.e. 

system upsets). 

 

3.1.1 Critical flux and the flux-stepping method of analysis 

The main method of measuring the effectiveness of the proposed module and operational designs 

in this research was the flux-stepping approach more commonly referred to as the critical flux test.  

“The critical flux hypothesis for microfiltration is that on start-up there exists a flux below which 

a decline of flux with time does not occur; above it, fouling is observed” (Field et al., 1995).  In 

theoretical models, the exact critical flux JCRIT can be determined, however due to the limitations 

of real systems the identification of JCRIT generally has to be made by experimental determination 

(Le-Clech et al., 2003c).  Critical flux is a quantitative measure of the filterability of membranes 

in mixed liquor and is useful for comparing alternative designs and operational parameters (Van 

der Marel et al., 2009).  When the permeate flow-generated convective forces moving solids and 

particles towards the surface of the membrane exceed the shear driven and back diffusivity forces 

moving material away from the membrane, the critical flux has been reached (Bugge et al., 2012; 

Van der Marel et al., 2009).  Once critical flux is reached, the cake layer on the surface of the 

membrane begins to compress and fouling will increase rapidly (Bugge et al., 2012).  However, in 

practice deposition of the cake layer will not be constant over the length of the membrane fibre 

and the true critical flux is nearly impossible to determine (Bugge et al., 2012).  As discussed in 

Chapter 2, membrane fouling is complex with many different phenomena involved.  In practice, 

the term fouling is used to lump all the influence factors together when discussing permeability 

loss for the membrane (Drews, 2010).  For the purposes of this research, the three basic stages of 

fouling identified by Braak et al. (2011) were applied: 

o First stage – a fast but short rise in TMP occurs indicating conditioning fouling 

due to adsorption and pore blockage as well as some surface deposition. 

o Second stage - a long period during which TMP increases slightly indicating 

slow, steady fouling.  The particles settle on the membrane surface and form the 

cake layer. 
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o Third and final stage - a very sharp rise in TMP occurs indicating rapid and 

accelerating fouling.  During the second stage permeability is not really impacted 

by fouling, but fouling along the membrane length is not uniform and unequal 

flux leads to higher fouling in some areas.  This is a self-accelerating 

phenomenon, which leads to exponential fouling.  In some cases, the TMP jump 

is induced by a sudden change in the cake layer developed on the membrane or 

the mixed liquor characteristics. 

By increasing the flux by a pre-determined amount for each fixed time step until maximum TMP 

for the membrane was reached, the three stages of fouling could be observed.  The size of the flux 

step was determined based on the suggested range of fluxes for the membranes under consideration 

and the duration of the step was based on the normal production cycle.  Figure 3.1 shows the results 

of a typical flux test with each coloured step representing a specific flux.  When a linear line is 

applied to the results, the flux at which the results transition away from linear has been termed 

“secondary critical flux” (Le-Clech et al., 2003c). 

 

Figure 3-1: Example of Flux-Step Test  

While there are many constituents that can affect what the critical flux of a given system will be, 

applying repeated flux-stepping tests do not generally impact on the flux.  When consecutive 

cycles of flux increase/decrease steps were carried out without cleaning (relax, backpulse or 
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chemicals) in between by Le-Clech et al. (2003a), critical hydraulic performance wasn’t found to 

vary between cycles.  This suggests that after the initial irreversible fouling layer was formed on 

the membranes during the first flux-step cycle all other increases/decreases observed were due to 

reversible fouling.  For this research, it was proposed that a short aerated relax be applied between 

steps, much as it would occur in a normal production cycle.  It was expected that this relax would 

not greatly vary the results from those expected if it were not included, based on the available 

literature (Le-Clech et al., 2006).  During the testing period, Van der Marel et al. (2009) proposed 

an improved flux-step method that employed a relaxation between flux-steps, supporting the 

methodology applied here.  Although Le-Clech et al. (2006) pointed out that long term 

measurements were required to determine the absolute membrane performance characteristics and 

fouling effects, Drews (2010) argued that the short-term approach of flux stepping has been shown 

to have significant value as an analysis tool.  Module designs and specific operating conditions 

(i.e. reduced aeration rates) that do not perform well under short term tests can be assumed to fail 

under longer term operation as well.  This in turn minimizes the time and money investment 

required to test multiple approaches to design. 

 

3.1.2 Resistance measurement of fouling  

Before explaining the method of calculating fouling rates, a brief review of the resistance concept 

of fouling measurement is useful.  Just like the concept of electrical resistance, each component of 

the fouling layer as well as the membrane itself, contributes to the total hydraulic resistance RT of 

the system (Figure 3.2).  Once permeation commences, the concentration of particles on membrane 

surface reaches a maximum quickly, then a cake layer starts to form due to high initial flux.  

Reversible fouling layers can become irreversible fouling layers over time as the layers condense 

and compact (i.e. dewatering begins) resulting in a higher resistance to shear removal mechanisms 

(Choi et al. 2005).  The total resistance then becomes the sum of the membrane resistance (Rm), 

the pore blocking (Rb) and the cake layer (Rc).  When a membrane system is operated below critical 

flux, pore fouling dominates while above critical flux cake fouling dominates (Chang et al. 1999).  

For all of the experiments presented here, the critical flux is always exceeded and cake fouling 

dominates the resistance calculation. 
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Figure 3-2: Resistance-In-Series 

 

Darcy’s Law allows for the calculation of the total resistance based on the transmembrane pressure, 

flux and permeate viscosity (Tardieu et al. 1999). 
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When the membranes are brand new, the total resistance and the membrane resistance are equal, 

as no fouling has yet occurred.  Overtime, irreversible fouling changes the membrane resistance 

by altering the flow paths through the fibre lumen.  While chemical cleaning can remove most of 

the irreversible fouling, the membrane resistance will always be somewhat different than the 

original brand new resistance.  By conducting a clean water critical flux test after cleaning, the 

new membrane resistance can be determined since the total resistance is equivalent to the 

membrane resistance in clean water. 

 

Fernandez-Guinzbourg (2002) found that the initial application of vacuum to the inside of the fibre 

during start-up of permeation at fluxes above critical resulted in pore blocking and an observed 

rapid transmembrane pressure rise.  This initial pore blocking phase was found to be less than 30 

seconds in duration after which the cake resistance begins to dominate.  Since all of the 
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experiments presented here will exceed the critical flux within several permeation cycles, cake 

resistance was assumed to be the dominate resistance.  The pore blocking resistance will not be 

evaluated, but rather incorporated into the cake resistance referred to in the results. 

 

Cake resistance is calculated by subtracting the membrane resistance from the total resistance 

(Eq. 3.2). 

 

MTC RRR          (3.2) 

 

The cake resistance was calculated for all of the experiments as part of the performance 

comparison of the different operational strategies and module designs but was not found to be 

useful in the specific analysis presented in Chapters 4 through 6. 

3.1.3 Determining fouling rates 

Using the temperature corrected net flux (Eqs.2.3 and 2.4) and TMP data collected with the critical 

flux testing method, the fouling rates can be calculated (Guibert 2000).  Fouling rates provide 

better resolution than the TMP vs. time graph of the point at which the accumulation and ablation 

rates become unbalanced on the surface of the membrane.  Le-Clech et al. (2003a) were the first 

to introduce a practical method for analyzing flux-step data with the concept of a threshold fouling 

rate (> 10 Pa min-1) knowing that in mixed liquor it was not possible for a “no-fouling” condition 

to exist.  The method showed that for fluxes below the JCRIT value, a constant or near constant TMP 

existed.  Above JCRIT the fouling history will impact the fouling rate, since accumulation and pore 

blocking that occurred during previous flux-steps is not removed (Van der Marel et al., 2009).  

Introducing a backpulse or relaxation between steps helps to remove some of the fouling much as 

it does in full-scale systems.  The fouling rate FT (1/m/s) for each flux step can be calculated from 

the data collected during the production cycle by rearranging Darcy’s law and applying it over the 

time step as shown in Equation 3.3 (Van der Marel et al., 2009). 

 

𝐹𝑇 =
𝑑𝑅𝑇

𝑑𝑡
=

𝑃𝑒−𝑃𝑖

𝜇𝐽𝑁𝑇

1

∆𝑡
         (3.3) 
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where Pi and Pe (Pa) represent the initial and end pressures of the operation cycle, µ is the viscosity 

of the permeate (Pa-s), JNT
 (m3m-2s-1) is the net flux corrected to 20° and Δt (s) is the time step 

duration.  Use of this approach also allows for the calculation of the critical fouling rate by applying 

an arbitrary minimum increase in TMP of 10 Pa min-1.  Critical flux JCRIT is considered reached 

once FT = FCRIT.  Van der Marel et al. (2009) also suggest that irreversible fouling can be examined 

by determining the irreversible critical flux reached when FIrr = FCRIT. 

 

𝐹𝐼𝑟𝑟 =
𝑃2−𝑃1

𝜇𝐽𝐿

1

∆𝑡
         (3.2) 

 

where P1 and P2 (Pa) represent the end pressure of the last cycle and the start pressure of the next 

cycle, µ is the viscosity of the permeate (Pa-s), JL
 (m3m-2s-1) is the low net flux between steps 

corrected to 20°C and Δt (s) is the time between steps.  This approach assumes either a backwash 

or a low permeate flux is applied between regular flux steps.  In the work presented here, JL = 0 

since a relaxation was being applied between flux steps and thus irreversible fouling could not be 

determined. 

 

Once the fouling rate was calculated it was plotted against the flux to generate a fouling rate graph 

(Figure 3.3).  This allowed for comparison of the operational parameters, module designs or system 

scales under examination.  
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Figure 3-3: Fouling Rate Plot 

 

3.1.4 Visual Inspection and Aeration Pattern Assessment 

In addition to the fouling rate and resistance evaluations, visual inspections were carried out on 

the modules in each system.  After each of the series of tests, the modules in the four systems were 

visually inspected for signs of sludge accumulation.  If any were found, the location within the 

modules and cassette was noted.  This allowed for the identification of specific trends of cake 

build-up due to hydrodynamic forces.  On the full-scale system, in addition to the visual inspection, 

the mass of the cassettes being tested was monitored.  This allowed for a more precise evaluation 

of the cake build-up and solids tolerance of the module/cassette design. 

 

An underwater video camera (Bowtech BPL-C-023) was used to visually inspect the aeration 

patterns in clean water for the full-scale system.  Since it could take several hours to remove a 

cassette from a train, inspect it, and put it back into operation, use of the camera was an easier and 

faster method of inspection.  Only if there were areas of concern that required more detailed 
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inspection was a test cassette removed from operation.  The video was also used to evaluate 

different module configurations and air penetration into the fibre bundle while making decisions 

on the spacing and configurations used for the parameter experiments presented in Chapter 5. 

 

3.1.5 Monitoring of Mixed Liquor Properties 

As discussed in Section 2.3 there are a number of feed and biomass properties that can influence 

membrane fouling.  Since all of the research presented here was conducted in mixed liquor, it was 

important to closely monitor the key properties to ensure results were not being unduly influenced 

by varying mixed liquor conditions.  Of all of the properties that could be monitored, the key 

properties have been shown to be TTF, MLSS, temperature, cTOC and ΔCOD by others (Drews, 

2010).  Additional properties listed in the monitoring sections of the four systems being used were 

also tracked. 

 

Filterability was tracked by monitoring the time to filter (TTF) a 100 mL sample of supernatant 

from a 200 mL sample of mixed liquor through a Whatman glass microfibre filter (934-AH) under 

15 mm Hg of vacuum.  The procedure used was adapted from Standard Methods – 2710 H.  Mixed 

liquor suspended solids were taken daily and prepared using the Standard Methods – 2540 D with 

specific attention paid to subsection 3b.  Permeate temperature was monitored online using an 

Endress & Hauser temperature probe for all but the bench system.  The mixed liquor temperature 

on all systems and the permeate temperature on the bench system was monitored using an YSI 

handheld probe capable of measuring DO as well.  Figures 3.4 and 3.4 illustrate the relationships 

between TTF, MLSS and temperature at a full-scale facility.  Note TTF drops as temperature rises. 
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Figure 3-4: TTF and MLSS of a Full-Scale Facility 

 

The difference between the supernatant and permeate COD is called ΔCOD and is a measure of 

the fine flocs and colloidal particles being retained by the membrane.  This parameter is useful for 

trending the data of a specific facility, but cannot be used to directly compare results from different 

facilities.  Permeate COD is typical less than 25 mg/L for a municipal plant.  Table 3.1 gives a 

general indication of the fouling nature of the mixed liquor for various levels of ΔCOD (Brink, 

2007).  COD is determined according to Standard Methods – 5220 D.   

 

Similar to the COD test, colloidal TOC (cTOC) was tracked as it can also give a good indication 

of fouling potential.  Standard Methods – 5310 A was used for the TOC determination. 
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Figure 3-5: TTF and ML Temp at a Full-Scale Facility 

 

Table 3-1: COD and Fouling Potential 

ΔCOD Value (mg/L) Fouling Nature of Sludge 

< 40 Low 

40 - 80 Medium 

> 80 High 

 

3.2 Cost Modeling Approach 

Along with the analytical approach for the research, a cost modeling exercise was conducted to 

evaluate the impact key operational and module design parameters have on capital and operation 

costs.  The modeling exercise explored the impact on the lifecycle cost of alterative product designs 

(Chapter 6).  The model used for the exercise has been developed over several years using design 

and operation data collected from full-scale systems across North America.   

In order to address the need to evaluate how a system design or operational change may impact 

the capital and lifecycle costs, a detailed predictive costing model was required.  Development of 

the model was accomplished in several steps over several years, with each successive generation 
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of the model adding more layers of complexity.  To begin, a basic model capable of predicting the 

cost for four different sizes of MBR plants at four different flux values was built in Excel®.  The 

selected plant capacity sizes for the model were 2.5, 5, 10 and 25 million gallons per day (MGD) 

average daily flow (ADF) with an assumed peaking factor of two.  These flows translate into 10, 

19, 38 and 95 million litres per day or MLD, and all data presented in Chapter 6 use the metric 

form.  The selected flux values were 10, 20, 30 and 40 gfd which equal 16.5, 33, 49.5, and 66 lmh.  

The results in Chapter 6 are all presented in metric units however the model is designed to use 

Imperial units.  By fixing the plant sizes and fluxes initially, it was possible to add in the detailed 

costs for a number of parameters without having complex data tables.  The early model was 

populated with data collected from vendor quotes and a number of items were included in the 

calculated capital costs (Table 3-2).   

 

Energy use was calculated using the rotational equipment and motor efficiencies, discharge 

pressure and required flow rate (where applicable).  Energy cost for key membrane system 

components (membrane blowers, permeate/process pumps, recirculation pumps, etc.) was based 

on vendor quoted efficiencies and an electricity cost of $0.06/kWh, typical of much of the 

municipal North American bids at the time.  This electricity cost was later changed to $0.1/kWh 

to accommodate the rising energy price trend.  Items required for the lifecycle calculation such as 

membrane replacement and chemical costs were based on municipal competitive bid data collected 

in from 2006-2010.  Labor costs were based on the capacity and design of the system and did not 

change with membrane flux.  Finally, items such as shipping or warranty were based on a 

percentage of the total material (equipment) costs.   
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Table 3-2: Equipment Included in Early Model 

Component Examples of Included Items 

Rotational Equipment Membrane blowers, permeate pumps, backpulse 

pumps, RAS pumps, compressors, chemical pumps 

Valves and Misc. Equipment Butterfly valves, cyclic valves, ball valves, fine bubble 

diffusers, air vents, tank strainers 

Instruments Magmeters, pressure transmitters, level transmitters, 

temperature transmitters, turbidity meters 

Electrical  PLC and interface, motors, panels and wiring 

Fabricated Cassette support system, permeate and air headers, 

backpulse tanks 

 

The early version of the model, while useful in comparing existing membrane operational and 

design strategies, could not accurately predict the costs to build and operate a real membrane 

bioreactor system.  Among the deficiencies of the model was the lack of any calculation of the 

construction costs and no allowed variability for system capacity or temperature.  Successive 

versions of the model added the missing components and introduced greater levels of model 

flexibility.  Several critical additions included the ability to modify membrane flux, specify a 

specific equipment scope, calculate the construction costs of the MBR portion of the treatment 

plant, and adjust hours of labour and rates.  For the construction cost calculation, the costs of 

concrete, grating, excavation, piping, etc. were all added.  The current model key inputs are listed 

in Tables 3.3. 

 

The current version of the model as presented in Chapter 6 has been calibrated by inputting 

multiple competitive municipal bid design data collected over the last 9 years and comparing the 

output to the actual capital and lifecycle costs of the bids.  In all cases the model was accurate in 

predicting the cost per gallon (or litre) of water treated within ±$0.05 of the actual cost based on 

the final selected system design.  While not all of the possible costs of building and operating an 

MBR wastewater treatment system can be included in the model, those factors that can be 

influenced by the membrane selected and predicted by current design practices (i.e. the footprint 

of the membrane bioreactor portion of the system) have been incorporated.  The result is a model 

which can predict the cost trends for various design and operational strategies.   
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Table 3-3: Key Model Variables 

Factor Range or Input Controls 

Min. Wastewater Temp 5 to 30°C Membrane Flux 

% Flux Increase Up to 30% Membrane Flux 

Membrane Type Several types available Membrane Flux and Cost 

Membrane Flux Type 1=ADF, 2=MMF, 3=MWF, 

4=MDF, 5=PHF 

Peaking factor, system 

capacity 

Average Flow Rate  1 to 100 MGD System capacity 

Peaking factor Up to 5 System capacity 

Redundancy 0 to 2 Number of trains 

Future Expansion Up to 30% Spare membrane space 

Scope Category 1 to 6 Equipment included 

Membrane Warranty Details Life, MTBF, length, type 

(cliff, pro-rated, etc.)  

Warranty cost 

Labour Details  Hours and rates Labour cost 

Electricity Any $/kWh Energy cost 

Cleaning Chemical Details $/kg or $/L Chemical cost 

Construction Factor Details $/m3 Construction cost 

 

For example, the current capital cost for a 5 MGD MBR system from a Tier 1 supplier (GE, Koch, 

or Kubota) with a minimum wastewater temperature of 15°C is approx. $1.15 per gallon treated 

per day.  Introducing an operation strategy that allows for a flux increase of 5% would result in a 

cost decrease of 3.2% or about $0.04 in savings per gallon treated per day.  This type of operation 

strategy would also impact the lifecycle costs, as fewer membranes would be required (lower 

replacement cost) resulting in a reduction in the membrane blower capacity (lower electricity 

costs).  By using the model to predict the cost implications of any change to the membrane 

performance generated from this research, the real-world practicality of the changes could be 

evaluated.  A more detailed explanation of the development of the predictive cost model is 

presented in Chapter 6. 

 

3.3 Membranes Used in Research 

A hollow-fibre polyvinylidene difluoride (PVDF) membrane representative of the common pore 

size (0.04 µm) and diameter (1.9 mm) presented in Table 1-1 was used for the research.  Two 

variations of the membrane formulation, referred to throughout this work as “chemistry”, were 

provided by the supplier – Chemistry A and B.  The formulation used for each membrane is 
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proprietary and as such, the supplier only provided general information.  Both chemistries were 

produced in the same manufacturing facility and both had the same pore size.  The second 

formulation, Chemistry B, had a higher surface porosity combined with a more open substructure.  

The membrane supplier was interested in moving to chemistry B and used some of the research 

presented here as support for validating the change. 

 

3.4 Overview of Test Facilities 

The field research for this thesis was conducted at three locations using four test systems.  The 

specific locations were selected because all three had very similar municipal wastewater 

characteristics while also providing test systems of appropriate size.  The systems were: 

 A bench MBR system and a single full-scale cassette MBR system supplied with primary 

influent from the City of Burlington Skyway conventional wastewater treatment plant. 

 Three, 3 module pilot MBR systems supplied with primary influent from the City of 

Guelph conventional wastewater treatment plant. 

 A 3.0 MGD full-scale MBR system with multiple process trains used by the City of Pooler 

Georgia for their wastewater treatment plant (no conventional treatment occurs at this 

facility). 

The PVDF hollow-fibre membranes used in all of the systems were identical in diameter and pore 

size (1.9 mm OD, 0.04 μm nominal) but varied in fibre length and cassette design as noted in the 

following system descriptions.   

 

3.4.1 Bench Scale Pilot Description – Burlington, ON 

The bench scale system used for this research consisted of two 500 L tanks with each tank acting 

as both bioreactor and membrane tank for four bench scale membranes.  Each membrane had a 

surface area of 0.95 m2 for a total system surface area of 7.6 m2 if all eight membranes were 

installed.  Each membrane could be operated individually of the others in the system.  The system 

was fed raw sewage from the Skyway wastewater plant in the City of Burlington.  Pre-treated with 

alum and passed through a 1 mm Baycore internally-fed rotary drum screen, the sewage was 

metered into the MBR tank based on level in the tank and effluent flow rate.  Figure 3.6 shows the 
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membrane details while Figure 3.7 shows the main components of the pilot.  Tables 3.4 and 3.5 

provide details on the operational ranges of the equipment being used. 

 

Table 3-4: Rotational Equipment Information for Bench Pilot 

Equipment Type Flow Range 

 

Power 

(HP) 

Permeate Pump 

P-35-1 to 8 

FMI Lab Pump QV3 

Self-priming Pump 

0 to 138 l/h 

0 to 0.61 gal/m 

0.09 

Recirculation 

Pump P-73 

Cole-Palmer 

Masterflex Peristaltic 

Pump with I/P 84 

0 to 681 l/h 

0 to 3 gal/m 

1.0 

 

 

Figure 3-6: Bench System Membrane 
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Figure 3-7: Bench Scale Schematic 

 

 

Table 3-5: Instrument Information for Bench Pilot 

Instruments Type  Range Accuracy Resolution 

Permeate Pressure 

Transmitter  

PIT-1 to 8 

Endress & Hauser 

Cerebar T PMC 131 

-100 to 100 kPa 

-15 to 15 PSI 

±0.5% Full 

Scale 

0.01 kPa 

Permeate 

Magmeter FIT-1 to 

8 

ABB Fischer Porter 

10DX4311 

0 to 100 l/m 

0 to 26.4 gal/m 

±0.5% 

Reading 

0.01 l/s 

Blower Rotameter 

FI-85 

Cole-Palmer  

K-32461-24 

0.8 to 8.5 sm3/h 

0.5 to 5 sft3/m  

±3% Full 

Scale 

0.1 sft3/m 

Tank Level LT Endress & Hauser 

DB50 

0 to 100 kPa 

0 to 15 PSI 

0.1% Full 

Scale 

0.01 kPa 

 

3.4.1.1 Operation 

Operation of the bench pilot was controlled manually with the use of an Allen-Bradley PLC, which 

also monitored the pressure and flow rates for the system.  Self-priming pumps were used as the 

permeate pumps for each of the eight bench scale membranes, and a E&H pressure transmitter was 

used to monitor TMP on each.  The system could be run in continuous feed and bleed mode (mixed 

liquor was continuously wasted to drain) or with a recirculation pump that operated at four times 
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the permeate flow rate.  For all of the experimental data collected the recirculation pump was used.  

Recirculation flow was monitored directly from the pump speed setting using the PLC. 

 

Air was supplied to the membranes from a small line that bled air off of the plant compressed air 

supply to the other pilots in the testing facility.  A rotameter was used to manually control and 

measure the flow of air to the membranes.  An aerator integrated into the bottom cap of the module 

distributed coarse bubble aeration to the middle of the fibre bundle.  The membrane air could be 

cycled on and off at any desired frequency, and for this research 10s on/10s off as well as 10s 

on/30s off was used.  Two fine bubble disc diffusers were located below the membranes in each 

tank to provide additional air to the biology. 

 

3.4.1.2 Membranes Selected 

The eight membranes selected for the experiments varied in age from three months to one year old 

PVDF modules with 0.04 μm pore size and 0.95 m2 of surface area per module.  Not all of the 

membranes operated in the system were used for data collection, as some membranes used a 

chemistry not being studied, however all were operated during testing for consistency. 

 

3.4.1.3 Monitoring 

All of the pilot operational data (flow rates, TMP, etc.) was collected by the PLC and recorded in 

a daily database file.  The rate at which data points were taken was typically every 10 seconds, but 

this could be varied as desired.  For the purposes of these experiments, the default 10 second set-

point was used.   

Mixed liquor and effluent analysis was performed on a daily basis by dedicated laboratory staff.  

Table 3.6 lists all of the tests performed and the frequency of the testing.   

 

Of particular interest for the experiments were the Time-To-Filter (TTF), Mixed Liquor Filtrate 

COD/TOC, Permeate COD/TOC, and MLSS.  By monitoring these criteria, the mixed liquor 

quality and stability could be assessed.  In order to compare the results of the tests, it was necessary 

to keep the mixed liquor characteristics as stable as possible during the experimental period. 
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The membranes were inspected between each set of tests or in the event that the TMP remained 

high even after overnight aerated relax.  Membranes were examined for sludge accumulation and 

any sludge was washed out of the membranes manually.   

 

Table 3-6:  Analytical Analysis Parameters 

Parameter MDL Samples Taken Sample Days 

pH° 0.02 Sewage Feed, Mixed 

Liquor, Common Permeate 

Thursday 

TSS (mg/l)  Sewage Feed Thursday 

VSS (mg/l)  Sewage Feed Thursday 

MLVSS (g/l)  Mixed Liquor Thursday 

Alkalinity (mg/l as 

CaCO3) 

 Sewage Feed, Mixed 

Liquor 

Thursday 

FCOD (mg/l) 2.0 Sewage Feed Mon to Fri 

TCOD (mg/l) 5.0 Sewage Feed Mon to Fri 

Total P (mg/l) 0.082 Sewage Feed, Mixed 

Liquor, Common Permeate 

Tues, Thurs 

Ammonia N (mg/l as 

N) 

0.02 Sewage Feed, Mixed 

Liquor, Common Permeate 

Tues, Thurs 

Nitrate N (mg/l) 0.016 Sewage, Mixed Liquor, 

Common Permeate 

Tues, Thurs 

MLSS (g/l)  Mixed Liquor Mon to Fri 

DO (ppm)  Mixed Liquor Mon to Fri 

SOUR  Mixed Liquor Thursday 

Settled Volume  Mixed Liquor Mon to Thurs 

Dilution Factor  Mixed Liquor  

DSVI (mg/l)  Mixed Liquor Mon to Fri 

TTF – 100 mL  Mixed Liquor Mon to Fri 

Supernatant COD  Mixed Liquor Mon to Fri 

Supernatant TOC 

(mg/l) 

 Mixed Liquor Mon to Fri 

Turbidity (NTU) 0.08 Individual Permeate From 

Groups 

Mon to Fri 

TOC (mg/l)  Common Permeate Mon to Fri 

COD (mg/l)  Common Permeate Mon to Fri 
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3.4.1.4 Cleaning  

The membranes used for the experiments were chemically cleaned after each set of tests using 

sodium hypochlorite and citric acid, unless there was a significant variance in TMP observed at 

the lowest flux (6 gfd) between tests.  If a variance was observed, the membranes were inspected 

for damage and subjected to an additional chemical clean.  While Le-Clech et. al. (2003a) 

recommend cleaning the membranes prior to each critical flux test, the membranes used for this 

study were found to recover permeability with just an aerated relax provided the critical flux test 

was performed over a short duration.  As long as the testing was done in hours and not days, an 

aerated relax was sufficient.  This was confirmed by the identical critical flux test done at the 

beginning and end or each set of tests.  Another benefit of not cleaning between tests was that it 

better mimicked full-scale operation where daily peak events may occur without the membranes 

being cleaned prior to the event.  The membranes in the bench scale system had to be manually 

cleaned by soaking in the chemical solution. 

 

3.4.2 Cassette Scale Pilot Description – Burlington, ON 

The largest of the pilot systems used for this research consists of a 20,000 L tank acting as both 

bioreactor and membrane tank.  The tank was capable of holding one full-scale membrane cassette, 

in which 56 PVDF ultrafiltration membrane modules each with a 30.13 m2 surface area could be 

mounted.  The system influent was fed from the fine screen described in Section 3.3.1 based on 

tank level and effluent flow rate.  A portion of the permeate flow was recycled to the tank to help 

maintain level and control mixed liquor characteristics.  Figure 3.8 shows the main components of 

the pilot, while Figure 3.9 shows the membrane used in the system and the systems described in 

Sections 3.3.3 and 3.3.4.  Tables 3.7 and 3.8 provide details on the operational ranges of the 

equipment used. 
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Table 3-7: Rotational Equipment Information for WW1 Pilot 

Equipment Type Flow Range 

 

Power 

(HP) 

Permeate Pump 

P-35-3/4 

Serfilco 64 Series 

Self-priming Pump 

0 to 26,000 l/h 

0 to 145 gal/m 

3.0 

Membrane 

Aeration Blower 

B-85 

Dresser Roots 63 

URAI 

0 to 493 sm3/h 

0 to 290 sft3/m 

20.0 

Recirculation 

Pump P-73 

ABS Submersible 

AFP1041 Pump 

0 to 141,953 l/h 

0 to 625 gal/m 

10.0 

 

Table 3-8: Instrument Information for WW1 Pilot 

Instruments Type  Range Accuracy Resolution 

Permeate Pressure 

Transmitter  

PIT-3/4 

Endress & Hauser 

Cerebar T PMC 131 

-100 to 100 kPa 

-15 to 15 PSI 

±0.5% Full 

Scale 

0.01 kPa 

Feed Temperature 

Transmitter   

TT 

Endress & Hauser 

TR11 

-30°C to 130°C ±0.1% Full 

Scale 

0.01°C 

Permeate 

Magmeter FIT-35-

3/4 

Endress & Hauser 

ProMag 33F 

0 to 180 m3/h 

0 to 800 gpm 

±0.5% 

Reading 

0.01 m/s 

Blower T-Mass 

FIT-85 

Endress & Hauser 

Thermal Mass AT70 

0 to 1000 sm3/h 

0 to 590 

sft3/min 

±1.5% Full 

Scale 

0.02 sm3/h 

Tank Level LT Endress & Hauser 

DB50 

0 to 100 kPa 

0 to 15 PSI 

0.1% Full 

Scale 

0.01 kPa 

Recirculation 

Magmeter FIT-73 

Endress & Hauser 

ProMag 10W 

0 to 4700 

m3/min 

0 to 1250 gpm  

0.5% 

Reading 

0.01 m/s 
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Figure 3-8: WW1 Pilot Schematic 

 

 

 

Figure 3-9: Full-size Membrane Module (Shown Sideways) 
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The membrane cassette installed in the WW1 pilot had been customized to allow modules to be 

subdivided into four groups: two groups of 12 with 27 mm spacing between modules, and two 

groups of 16 with 8 mm spacing between modules for a total of 56 modules.  For the purposes of 

the experiments, one of each spacing group was used, with 12 modules installed in each (Figure 

3.10).  

 

 

Figure 3-10: Two Groups of Modules: 27mm (left) and 8mm (right) Spacing 

Aeration of the test cassette was supplied by two air drop legs on the side of the cassette feeding 

26 aerator tubes.  Air flow could be alternated between the two drop legs with the use of cyclic 

valves, and the timing of the alteration could be adjusted.  The aeration grid was modified so that 

only aerators located under modules were active.  Control of the air cycling is described in the next 

section.   

 

3.4.2.1 Operation 

An Allen Bradley PLC with a touch screen was used to control the pilot operation.  There were 

four permeate pumps available on the system, each with separate flow rates and production time 

set points so that each group of modules could be individually operated.  Pumps P-34-3 and P-35-

4 were used for the experiments since they were capable of higher flow rates than pumps P-34-

1/2.  The permeate magemeters FIT-35-3/4 were used to monitor the flow rate and adjust pump 

speed automatically to meet the target flow set-point.  The modules could be either backpulsed or 
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relaxed, depending on the desired operation.  For the purposes of the experiments only relax mode 

was used and the production/relax timers were varied. 

 

An Endress & Hauser Cerebar-T PMC-131 pressure transmitter on each permeate line monitored 

the transmembrane pressure (TMP) and triggered a shutdown alarm if the pressure exceeded the 

system set-point of -55 kPa (8 PSI).  While the membranes could be run up to -70 kPa, doing so 

might have fouled the membranes resulting in the need to chemically clean.  A temperature 

transmitter and a level transmitter (E&H TR11 and DB50 respectively) monitored the mixed liquor 

temperature and level in the pilot tank.  If the mixed liquor level was too high or too low an alarm 

was triggered. 

 

Control of the aeration system was done using both the pilot control panel and a separate blower 

control panel.  The blower motor speed was controlled by a variable frequency drive, allowing the 

blower to run at 50% to 100% of total capacity.  Additionally, the blower piping included an 

atmospheric vent and manual gate valve, which could be used to vent some portion of the air and 

further decrease the amount of air being supplied to the membranes.  There were three air lines 

each with an E&H AT70 thermal mass meter and a cyclic valve capable of opening/closing in 

under a second, connected to the blower.  Two of the lines fed air to the cassette aeration grid while 

a third was vented to the atmosphere.  The mass meters recorded the instantaneous air flow rates 

in each line and displayed the running value on the PLC screen.  A valve control program in the 

PLC allowed for three types of aeration: constant, 10/10 and 10/30 modes.  In constant air was 

supplied continuously to both of the cassette aeration lines.  This mode was not normally used.  

Both 10/10 and 10/30 modes made use of the cyclic valves to alternate which portion of the cassette 

received aeration.  Figure 3.11 illustrates the two channels of the aeration grid installed in the 

cassette.  In 10/10 air alternated back and forth between the two sets of aerators in the cassette 

every ten seconds.  In 10/30 aeration, air moved from one set of aerators, to the atmosphere, then 

to the other set of aerators so that each set of aerators received air 10 out of every 40 seconds. 
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Figure 3-11: The Cassette Aeration Grid with Air Shown in Light Blue 

 

The recirculation pump P-73 was manually controlled by varying the motor speed using an Allen 

Bradley PowerFlex VFD controller.  By increasing the frequency of the motor, the recirculation 

flow rate could be increased.  An Endress & Hauser Promag 10 magmeter was used to monitor the 

flow rate, and this flow was manually recorded for the tests. 

 

3.4.2.2 Membranes Selected 

The 24 membranes used for all of the experiments in the WW1 pilot tank were two year old PVDF 

modules with 0.04 μm pore size and 30.13 m2 of surface area per module.  New membrane modules 

were not selected for the experiments in order to avoid the time it would take to “break-in” and 

stabilize the membrane permeability.  By selecting older modules, the performance history of the 

modules was already known.  Also the selection of older modules helps demonstrate how modules 

operating in a full-scale plant might behave after several years of operation.  To completely clean 

the membranes prior to the start of testing, a recovery clean using two eight hour soaks, one in 

Sodium Hypochlorite followed by another in Citric Acid, were performed.  Each module had a 

number that helped track the location of the module in the cassette, ensuring that all modules were 

kept in the same position throughout the experiments for consistency. 

   

3.4.2.3 Monitoring 

All of the pilot operational data (flow rates, TMP, etc.) was collected by the PLC and recorded in 

a daily database file.  The rate at which data points were taken was typically every 10 seconds, but 

this could be varied as desired.  For the purposes of the experiments, the default 10 second set-
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point was used.  Table 3.6 in Section 3.3.1.3 lists all of the mixed liquor and effluent analysis 

performed on a daily basis by dedicated laboratory staff.  Finally, the membranes were inspected 

between each set of tests or in the event that the TMP remained high even after overnight aerated 

relax.  Aerator tubes were checked for any signs of blockage.  Modules were examined for sludge 

accumulation or damage to the fibres from contact with the shrouds.  Any sludge was washed out 

of the membranes and any damage was repaired.   

 

3.4.2.4 Cleaning  

The membranes used for these experiments were chemically cleaned after each set of tests 

following the same cleaning protocol outlined in Section 3.3.1.4.  For the purposes of the tests, in 

tank maintenance cleans were not used.  The chemical cleaning solution, either sodium 

hypochlorite or citric acid, was backpulsed through the membranes into the tank.  Mixed liquor 

will remain in the tank during the cleaning procedure but the aeration was turned off.  This method 

of cleaning is a standard practice used on many MBR systems. 

 

3.4.3 Module Scale Pilot Description – Guelph, ON 

Three pilot systems capable of holding three full-sized membrane modules each were used for 

portions of the experimental work.  The systems were located at the City of Guelph conventional 

wastewater treatment plant and were operated in conjunction with the University of Guelph.  

Screened raw wastewater was supplied to the pilots from the headworks of the conventional 

system.  Each pilot consisted of an aerated bioreactor and a membrane tank, with the ability to 

blend the RAS from each pilot or to operate each system individually.  The bioreactor tanks had a 

17,550 L capacity each while the membrane tanks had a 970 L capacity each.   Figure 3.12 shows 

the system schematic for one pilot, with all three being identical.  Tables 3.9 and 3.10 list the 

rotational equipment and instruments, respectfully, for the pilots. 
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Figure 3-12: Guelph Pilot Schematic 

 

Table 3-9: Rotational Equipment Information for Guelph Pilots 

Equipment Type Flow Range 

 

Power 

(HP) 

Permeate Pump 

P-35-A to C 

Serfilco 60 Series 

Self-priming Pump 

0 to 18,169 l/h 

0 to 80 gal/m 

2.0 

Recirculation 

Pump P-73 

Megga Pump  

2874-95 

0 to 102,206 l/h 

0 to 450 gal/m 

3.0 
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Table 3-10: Instrument Information for Guelph Pilots 

Instruments Type  Range Accuracy Resolution 

Permeate Pressure 

Transmitter  

PIT-35-A to C 

Endress & Hauser 

Cerebar T PMC 41 

-100 to 100 kPa 

-15 to 15 PSI 

±0.5% Full 

Scale 

0.01 kPa 

Feed Temperature 

Transmitter   

TT 

Endress & Hauser 

TR11 

-30°C to 130°C ±0.1% Full 

Scale 

0.01°C 

Permeate 

Magmeter FIT-35-

A to C 

Endress & Hauser 

ProMag 30F 

0 to 18 m3/h 

0 to 80 gal/m 

±0.5% 

Reading 

0.01 m/s 

Blower Rotameter 

FI-85 

Blue & White 

F55500GA 

2 to 20 SCFM  ±0.5% Full 

Scale 

0.5 scfm 

Tank Level LT Endress & Hauser 

DB50 

0 to 100 kPa 

0 to 15 PSI 

0.1% Full 

Scale 

0.01 kPa 

Recirculation 

Magmeter FIT-73 

Endress & Hauser 

ProMag 50 

0 to 102 m3/h 

0 to 450 gal/m  

0.5% 

Reading 

0.01 m/s 

 

3.4.3.1 Operation 

Each of the three pilots had an individual Allen Bradley PLC with a touch screen for control and 

monitoring of the pilot equipment.  A self-priming pump P-35 acted as both permeate and 

backpulse pump for each pilot, while membrane aeration was supplied from the Guelph 

wastewater plant compressed air system.  The amount of aeration to the membranes was regulated 

by an adjustable rotameter on the compressed air line.  Cyclic valves on the pilot controlled the 

frequency of the air to the membranes, and allow for any combination of on/off sequential aeration 

to be used.  Only 10/10 or 10/30 sequential aeration was used on the pilots for this research.   

 

The screened influent was fed to three aerobic bioreactor tanks, one for each of the pilots.  A 

temperature transmitter on the influent line monitored the mixed liquor feed temperature to the 

pilots.  There was no anoxic zone in the pilot design during the experiments although it was added 

later.  The recirculation pumps P-73-A/B/C fed mixed liquor to each pilot.  The pilots were capable 

of operating independently of each other, however cross-over valves allowed for the recirculation 

of one pilot to feed back to another pilot’s bioreactor, thus blending the mixed liquor when 

required. 
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An Endress & Hauser pressure transmitter (PIT-35) and magmeter (FIT-35) monitored the 

membrane performance of each pilot in terms of TMP and flow.  The PLC was used to collect the 

operating data at a frequency of 10 seconds, and the data could be downloaded remotely.  Effluent 

quality was monitored manually by the onsite pilot staff and the details of the parameters 

monitored are given in Section 3.3.3.3.     

 

3.4.3.2 Membranes Selected 

The membranes selected for the testing were six months to one year old in age, PVDF modules 

with 0.04 μm pore size and 30.13 m2 of surface area per module.  All of the membranes were 

inspected for damage and put through a clean water performance test prior to starting the 

experimental program.    

 

3.4.3.3 Monitoring 

Each of the three pilots PLC systems monitored and recorded the operational set-points and 

performance parameters.  An online system also allowed for remote monitoring of the pilots.  

Analytical analysis (Table 3.11) was performed by the onsite staff whenever possible, with 

additional analysis performed by the University of Guelph or an outside laboratory on an as-needed 

basis. 

 

Table 3-11: Analytical Analysis Parameters Guelph Pilots 

Parameter Samples Location Sample Rate 

Time To Filter (s) Two of the four membrane 

trains 

daily 

DO (mg/L) Bioreactor  

 

daily 

MLSS (mg/L) Bioreactor daily 

BOD (mg/L) Influent, Effluent 2x per week 

TSS (mg/L) Influent, Effluent 2x per week 

COD (mg/L) Influent, Effluent 2x per week 

Ammonia (mg/L) Influent, Effluent 1x per week 

Total Nitrogen Influent, Effluent 1x per week 

Fecal #/100 mL Influent, Effluent 2x per week 

TOC (mg/L) Supernatant, Effluent 2x per week 

Turbidity (NTU) Effluent 2x per week 
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3.4.3.4 Cleaning  

Each pilot was chemically cleaned between experimental sets using Sodium Hypochlorite and 

Citric Acid.  The chemicals were backpulsed directly to the membrane modules using an 

automated cleaning system and the membranes were allowed to soak in the chemical solution for 

a short period of time while periodically aerated.  This was the same cleaning protocol used on the 

other systems in this research, with the only variable being whether the clean was manual or 

automated. 

 

3.4.4 Full-scale Plant Description – Pooler, GA 

In order to evaluate scale-up of results full-scale testing needed to be conducted.  Pilot feed and 

operation conditions were controlled to allow for specific testing to be carried out.  However, as 

pointed out by Drews (2010), there exists a lack of full-scale data supporting pilot experimental 

results.  By repeating some of the experiments at a full-scale facility, the goal at the outset of this 

research was to produce results that supported the pilot scale findings.  Thus testing was conducted 

at the Pooler, Georgia wastewater treatment plant, which uses the same membrane configuration 

as those applied in the WW1 and Guelph pilots.   

 

Commissioned in December 2004, the Pooler WWTP is capable of treating 3.0 MGD (11.4 MLD) 

of wastewater.  Feed to the plant is from a municipal pumped sewer system.  A coarse 6 mm step 

screen, grit removal and equalization tanks make up the headworks of the plant.  A portion of 

treated effluent is discharged to a cannel while the rest is used for water reuse.  The plant consists 

of two bioreactor trains (anoxic and aerobic) feeding to four membrane trains, each capable of 

treating > 1.0 MGD.  Cassettes with PVDF 0.04 μm membrane modules are used, with both 48 

module (27 mm spacing) and 64 module (8 mm spacing) cassettes installed at the time of testing 

(now only 48 module cassettes are installed).  Figure 3.13 shows the basic layout of the facility.  

Details of the major equipment and instruments associated with the MBR portion of the plant are 

given in Tables 3.12 and 3.13.  Headworks and sludge handling equipment is not included. 
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Figure 3-13: Pooler WWTP Schematic 

 

 

Table 3-12: Rotational Equipment Information for Pooler WWTP 

Equipment Type Flow Range Power (HP) 

Process Pump P-35 Boerger Rotary Lobe 

Reversible Pump 

0 to 4289 l/m 

0 to 1133 gal/m 

30.0 

Membrane Blowers B-85 Aerzen GML50 PD 

Blower 

0 to 2515 sm3/h 

0 to 1480 sft3/m 

60.0 

Process Blowers B-87 Aerzen GML50 PD 

Blower 

0 to 2633 sm3/h 

0 to 1550 sft3/m 

100.0 

RAS Pump P-73 Goulds 3196 Centrifugal 

Pump 

0 to 7715 l/m 

0 to 2038 gal/m 

20.0 

Anoxic Mixer MX-73 ITT Flygt Submersible 

SR-4640 

n/a 4.0 
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Table 3-13: Instrument Information for Pooler WWTP 

Instruments Type  Range Accuracy Resolution 

Permeate Pressure 

Transmitter  

PIT-35 

Endress & Hauser 

Cerebar M 

-100 to 100 kPa 

-15 to 15 PSI 

±0.2% Full 

Scale 

0.01 kPa 

Temperature 

Transmitter   

TT 

Endress & Hauser 

TST 11 

0°C to 60°C ±0.5% Full 

Scale 

0.01°C 

Permeate 

Magmeter FIT-35 

Endress & Hauser 

ProMag 53W 

0 to 5000 l/h 

0 to 1320 gal/m 

±0.2% 

Reading 

0.01 m/s 

Tank Level LT Endress & Hauser 

DB51 

3 to 41 kPa 

0.5 to 6 PSI 

0.2% Full 

Scale 

0.01 kPa 

Recirculation 

Magmeter FIT-73 

Endress & Hauser 

ProMag 53W 

0 to 8000 l/m 

0 to 2113 gal/m  

±0.2% 

Reading 

0.01 m/s 

 

3.4.4.1 Operation 

The Pooler WWTP is controlled by a SCADA system using several PLCs and HMIs.  An Allan 

Bradley PLC controls the membrane portion of the system, which is also linked to the main plant 

SCADA by a fibre-optic network.  Figure 3.14 shows the control screen for a single membrane 

train from the HMI.  While the plant can run completely automated, and does the majority of the 

time, it is also possible to manually control pump speeds, flow rates, etc. for testing purposes.  The 

cassettes in a single membrane train are linked through a common train permeate header to a 

Boerger reversible rotary lobe pump.  Each process (permeate) pump then connects to the main 

permeate header which discharges to the plant effluent clearwell.  Cassettes can be isolated from 

the train permeate header, allowing operation of specific cassettes in each train.  An Endress & 

Hauser magmeter and pressure transmitter measure the flow rate and TMP on each train, while a 

temperature transmitter on the common header monitors the permeate temperature in the plant.  A 

handheld probe is used by the operators to record DO and mixed liquor temperature several times 

a day. 
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Figure 3-14: Example of HMI for Membrane Train 

 

Aeration to the membrane trains is supplied by Aerzen positive displacement blowers that, while 

designed to aerate a single train, are linked via a common distribution header to all of the trains.  

Two cyclic valves control the aeration to each individual train, and the cassettes are aerated in a 

sequential pattern as described in Section 3.3.2.1.  A controller built into the PLC monitors the 

membrane fouling and determines what type of sequential aeration, 10/10 or 10/30, to apply.  In 

10/10 aeration, air is simply cycled between the two train air headers every 10 seconds.  In 10/30 

aeration, air is cycled between two trains and the two air headers on those trains.  Figures 3.15 and 

3.16 demonstrate the two types of aeration.  The membrane blowers do not have variable frequency 

drives, so air flow rates cannot be controlled, however by opening or isolating cassette air 

connections, various aeration rates could be achieved for testing purposes. 
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Figure 3-15: 10/10 Sequential Aeration in a Four Train System 

 

 

 

Figure 3-16: 10/30 Sequential Aeration in a Four Train System 
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The mixed liquor is fed to each train via gravity from the bioreactor and is sent back to a splitter 

box at the start of the bioreactor by dedicated pumps, one per train.  This RAS pump is also used 

to drain the train during cleaning.  Currently, sodium hypochlorite and citric acid maintenance and 

recovery cleans are performed at the plant only when the operator feels they are required.  A typical 

maintenance cleaning interval is one per week.   

 

3.4.4.2 Membranes Selected 

All of the modules used in the full-scale tests were the existing modules at the plant at the time.  

There were three cassette designs based on the two types of cassettes (27 mm and 8 mm spacing) 

installed at the facility.  One special sub-divided cassette with 27 mm spacing allowed for four sets 

of 12 membranes to be run simultaneously with flow and TMP monitored per group for the Chapter 

5 research.  All of the cassettes contained PVDF 0.04 μm membranes, with 592 modules in 

operation since November 2004, 96 modules in operation since April 2006, and 65 modules in 

operation since January 2007, and 48 modules in operation since October 2007.  The last two 

groups represent the latest generation of modules, which are still PVDF 0.04 μm but have higher 

permeability and are referred to as Chemistry B in Chapters 4 and 5.  All of these modules were 

replaced after the experiments for this research were concluded as part of a plant expansion.   

 

3.4.4.3 Monitoring 

The plant production cycle at the time of research was 9 minutes with a 60 second relax.  

Backpulsing was only used to prime the system.  All of the operational data (flow rates, TMP, etc.) 

was collected by the PLC and recorded in a plant database file which was then e-mailed to a system 

that allowed the plant to be monitored remotely.  The rate at which data points were taken was 

typically once per production cycle, but this could be varied as desired.  A “fast log” data file, 

which sampled every 10 seconds, was often used for testing purposes.  In addition, once every two 

weeks the operator e-mailed an excel file containing key analytical data, which was also monitored.  

The analytical data was collected on-site by a dedicated laboratory technician.  Table 3.14 lists all 

of the tests performed and the frequency of the testing.  Of particular interest for the experiments 

were the TTF and MLSS.  Mixed liquor quality and stability could be assessed using the analytical 

data, allowing evaluation of the tests under full-scale, uncontrolled biomass conditions. 
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Table 3-14: Analytical Analysis Parameters Pooler WWTP 

Parameter Samples Location Sample Rate 

Time To Filter (s) Two of the four membrane 

trains 

3 x per week 

pH° Influent, Bioreactor,  

Membrane Trains, Effluent 

2x daily 

DO (mg/L) Influent, Bioreactor,  

Membrane Trains, Effluent 

2x daily 

MLSS (mg/L) Bioreactor, Digester 3x per week 

BOD (mg/L) Influent, Effluent 3x per week 

TSS (mg/L) Influent, Effluent 3x per week 

Ammonia as N 

(mg/L) 

Effluent 3x per week 

Phosphorus as P 

(mg/L) 

Effluent 3x per week 

Fecal #/100 mL Influent, Effluent 2x per week 

TOC (mg/L) Supernatant, Effluent Only as 

needed 

Turbidity (NTU) Effluent Online 

Monitor 

 

3.4.4.4 Cleaning 

As with the smaller scale tests, the membranes were cleaned and inspected between each test 

performed, however unlike the smaller scale tests the weight of the cassette was also monitored.  

Initial tests performed at the Pooler plant focused on understanding the hydraulics and solids 

tolerance of the existing cassette designs, as well as collecting operational data to compare against 

the smaller systems.  If the new methods of aeration or module design introduced on the pilot scale 

proved beneficial, full-scale tests were conducted at the plant on a longer term basis. 

 

3.5 Brief Overview of Data Collection 

Conducting research on four different systems of increasing size from lab-scale to full-scale 

required a number of years of data collection.  Multiple repeated short term flux-stepping 

experiments spaced between longer-term operation was required in order to collect enough data 

sets to allow for comparison of some of the parameters under consideration like membrane 

chemistry, aeration design, or packing density.  Additionally, seasonal influences on mixed liquor 

conditions had to be taken into account and feed and biomass characteristics needed to be 
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consistent with past experimental periods.  While Chemistry A modules were already in operation 

at all four test systems at the start of the research program, Chemistry B was not yet installed at 

the full-size system and time had to be allowed for module manufacturing.  For the Chapter 5 

module design tests, manufacturing of the higher surface area modules as well as the open bottom 

header modules also resulted in a longer period of testing.  In some cases, the author manufactured 

the modules herself while in other instances the modules were manufactured by the membrane 

supplier.  Finally, some tests were conducted in support of research requested by the membrane 

supplier in exchange for access to the equipment and not all of those tests are presented in this 

thesis.  Given the scope of the work, the author had the support of one of her advisors (Dr. S. 

Chang) and a former research colleague (B. Fernandez-Guinzbourg, M.Sc) with a portion of the 

data collection.  The research presented in this thesis represents the most interesting and useful 

data analyzed by the author.  Table 3.15 summarizes all of the experimental data sets collected 

during the course of this study in support of Chapters 4 and 5 and is provided for reference.  Over 

300 data sets in total were collected. 

 

Systems: 

A – Bench (lab-scale) system (8 modules) 

B – Module pilot system at Guelph (3 modules) 

C – Cassette pilot system at WTC (up to 56 modules in cassette) 

D – Train at Pooler (2 to 4 cassettes per train, depending on what was turned on) 
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Table 3-15: Experimental Data Sets 

System Chemistry Membrane Type, Configuration Aeration Sets MLSS 

(g/L) 

Chapter 

Used In 

A A Round 10/10, 10/30 10-15 4 

A B Round 10/10, 10/30 10-15 4 

A A Round 10/10 8-10 4 

A B Round 10/10 8-10 4 

A B Round 10/10 18-20 n/a 

A A Round 10/10, 10/30 10-12 4 

A A Mini-Rectangle 10/10, 10/30 10-12 n/a 

A B Round 10/10, 10/30 10-12 4 

A B Mini-Rectangle 10/10, 10/30 10-12 n/a 

B A Rectangle – single header 

permeation, 15 mm spacing 

10/10, 10/30 9-12 n/a 

B A Rectangle – double header 

permeation -  27mm spacing 

10/10, 10/30 9-12 4,5 

B B Rectangle – single header 

permeation, 15 mm spacing 

10/10, 10/30 9-12 n/a 

B B Rectangle – double header 

permeation -  27mm spacing 

10/10, 10/30 9-12 4 

B B 4, 8 and 12 sheet modules 

Various spacing configurations 

10/10, 10/30 10-12 5 

C A Rectangular   

27mm + 8mm spacing 

Both end permeation 

One end permeation 

Open bottom header, one end 

permeation 

10/10, 10/30,  

10/10 w/25% less  

10/30 w/25% less 

10-12 4, 5 

C B Rectangular – double header 

permeation - 27mm spacing 

10/10, 10/30 10-12 4 

D A Rectangular – double header 

permeation - 

27mm + 8 mm spacing 

2 surface area options (30.13 m2, 

37.90 m2) 

10/10, 10/30 10-12 4, 5 

D B Rectangular – double header 

permeation - 

27mm spacing 

4 surface area options (30.13, 

32.87, 33.14, 36.16 m2) 

10/10, 10/30 10-12 4, 5 
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4 THE IMPACT OF EXPERIMENTAL SYSTEM SIZE ON MEMBRANE 

PERFORMANCE IN A MEMBRANE BIOREACTOR: A MULTI-YEAR STUDY* 

J. Pawloski and S. Chang 

 

A multi-year study of the impact experimental system scale has on the short term membrane 

performance in a membrane bioreactor (MBR) process was conducted.  Four test system scales:  

bench, module pilot, cassette pilot and full-scale plant were evaluated.  Smaller scale systems were 

found to be useful for initial comparison and evaluation of alternative membrane designs however 

larger scale systems were found to be required for prediction of real-world behavior.  Inherit 

differences in the ratio of solid mass flux (SMF) handled by the systems to the amount of air 

introduce to the systems to control fouling was identified as the influencing factor.  

Recommendations on how to make use of small scale system data are proposed based on the 

findings. 

*Adapted and expanded from previously published work (Pawloski et al., 2008) 

 

4.1 Introduction: 

The vast majority of membrane bioreactor (MBR) research is conducted using bench or small pilot 

scale experimental systems.  This is due both to the desire of researchers to control experimental 

conditions and the economic challenges related to constructing and operating a full-scale system.  

With lab scale systems, often only the parameters being investigated are varied, which helps reduce 

the number of influencing factors but limits the value of the results (Kraume et al., 2009).  And 

while there have been several full-scale MBR studies conducted that looked at general membrane 

performance, the number specifically looking at fouling and available operational data remains 

limited.  Little if any multi-scale, multi-system research has been conducted and published.  Yang 

et al. (2006) note: “much of the published information on MBRs to-date has mainly focused on 

bench or pilot scale studies…” treating specific wastewaters and for short-term operation.  They 

further state: “regardless of the source of wastewater, whether it is municipal or industrial, very 

few publications involved full-scale studies for long-term operational periods”.  And in those cases 

where pilot scale results are applied to full-scale, “lower membrane permeability than anticipated 
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was observed in many actual operations.  This indicates that results from bench or pilot scale 

experiments are not always correlated to the application in full-scale plants” (Yang et al., 2006).   

 

This paper presents the results of a broad study on the effects experimental system scale can have 

on the membrane operation and performance.  It is well established that the hydraulic performance 

of membrane processes is a function of the system configuration.  Advancements to the 

technology, such as a flux increase with a new aeration technique, may be demonstrated at a bench 

or pilot scale without being able to achieve the same success at full-scale.  Therefore, 

understanding the influence of the system scale on membrane performance is important in 

determining the level of testing scale required when evaluating new module designs and operating 

methods and assessing the results obtained from bench or pilot scale studies. 

 

Numerous methods of measuring membrane performance by monitoring fouling have been 

proposed in the literature (Yang et al., 2006).  The use of constant flux and monitoring TMP rise 

has proven very valuable in monitoring fouling in complex fluids (Le-Clech et al., 2006).  The 

constant flux approach is the widely accepted method for characterizing short-term membrane 

fouling and filtration characteristics in MBRs by measuring the change in transmembrane pressure 

under different flux conditions.  It allows for consistent experiments on a particular system over a 

wide-range of mixed liquor properties and for comparison of the results from different systems.  

In the research presented here, the constant flux method was adapted to determine the fouling rate 

over time using the approach presented by Van der Marel et al. (2009).   

 

Although there are many mixed liquor constituents that can affect what the critical and sustainable 

flux of a given system will be, there is no evidence that repeatedly applying constant flux step-

tests has any impact on the flux a membrane can achieve.  When consecutive flux step tests were 

carried out without cleaning (relax, backpulse or chemical based) in between tests by Le-Clech et 

al. (2003a), critical hydraulic performance wasn’t found to vary between tests.  For this research, 

a consecutive series of flux step tests were performed without chemical cleaning between tests.  

During each test, a short aerated relax was applied between steps, much as it would occur in a 

normal production cycle.  It is expected that this relax will not greatly vary the results from those 
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expected if it were not included, based on literature (Le-Clech et al., 2006; Van der Marel et al., 

2009). 

 

Mixed liquor is a shear-thinning non-Newtonian fluid and its viscosity will be directly impacted 

by the amount of aeration applied to it.  Variations in membrane performance can therefore be 

caused by the aeration-imparted shear force (G) to the membranes, which controls fouling and will 

vary with the MLSS concentration (Delgado et al., 2008).  Delgado et al. (2008) and McAdams et 

al. (2011) suggest using a modified G term that includes a kinematic viscosity term that is adjusted 

based on mixed liquor conditions and analyzing the effect of MLSS concentration on flux vs. 

fouling rate relation based on the G values.  However, using this approach requires calculation of 

the specific biomass concentration functions proposed by the authors for each set of experiments 

and are impractical for a multi-year, multiple system study.  Several membrane suppliers instead 

account for the variation of mixed liquor concentration by incorporating it with the hydraulic 

loading of the membrane filtration.  Referred to as Solid Mass Flux (SMF), the most common 

approach is to multiply the flux rate (J) by the MLSS concentration however this ignores the fact 

that the mixed liquor is mostly composed of water.  A more accurate approach is to calculate SMF 

using the slurry density (ρSL) and that is the approach taken in this paper.  The impact of varying 

aeration rates can then be addressed by a similar method. 

 

𝑆𝑀𝐹 =
𝜌𝑆𝐿𝑄𝑝

𝐴𝑚
=

𝜌𝑆𝐿𝐽𝑁𝑇𝐴𝑚

𝐴𝑚
= 𝜌𝑆𝐿𝐽𝑁𝑇         (4.1) 

 

While Le-Clech et al. (2006) point out that long term measurements are required to determine the 

membrane performance characteristics such as long term permeability and fouling effects, short-

term test approaches such as flux stepping filtration method can still have value for evaluation of 

certain operation conditions and design parameters.  Membrane module designs and specific 

operating conditions (i.e. reduced aeration rates) that do not perform well under short term tests 

can be assumed to fail under longer term operation as well.  This minimizes the time and money 

investment required to test multiple approaches to design.  By using the same operational set-

points for a series of constant flux step-tests on the systems in this study, performance of two 

different membrane chemistries was compared and impact of system scale was considered.     
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4.2 Materials and Methods: 

4.2.1 Experimental set-up 

Four submerged membrane bioreactor systems of increasing size and capacity (system A to D) 

were used for the research presented.  All four systems were fed with screened raw municipal 

wastewater and had very similar influent characteristics and general operating parameters as 

summarized in Tables 4.1 and 4.2.  All systems used ZeeWeed® PVDF ultrafiltration hollow fibre 

membranes that were identical in fibre diameter and pore size (1.9 mm OD, 0.04 μm nominal) but 

varied in fibre length and module design as noted in the system descriptions below.  Figure 4.1 

shows the typical arrangement of all four systems.  The biological trains contained both anoxic 

and aerobic zones.  Dedicated permeate pumps and membrane aeration blowers were used with 

each system.  All systems also had a returned activated sludge (RAS) system pumping mixed 

liquor back from the membrane tank to the biological zone at 4Q (except system C, which pumped 

ML to the membrane tank at 5Q). 

 

Table 4-1: Wastewater Influent Characteristics1 

Experimental System Location of 

System 

COD Range 

mg/L 

TSS Range 

mg/L 

A (Bench) Burlington, 

Ontario 

200-270 140-220 

B (Full-Scale Module) Guelph, Ontario 150-300 140-300 

C (Full-Scale Cassette) Burlington, 

Ontario 

200-270 140-220 

D (Full-Scale Plant) Pooler, Georgia 150-300 150-220 

1 Sampling point is immediately downstream of coarse screening in all cases. 
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Table 4-2: System Operating Parameters 

Experimental 

System 

Flux1 

(lmh) 

TMP 

(kPa) 

MLSS2 

g/L 

SRT3 

Days 

HRT4 

H 

A 9.9-74 3-55 8-12 15-20 8 

B 9.9-82.5 7-55 8-12 15-20 8 

C 9.9-66 7-55 8-12 15-20 8 

D 13.2-66 14-55 8-11 15-25 7.7 
1 In some cases flux is limited by pump capacity and this is noted in the relevant results. 
2 MLSS measured in the membrane zone. 
3 Target SRT for all systems is 15 days. 
4 HRT is based on average day operation at 33 lmh. 

 

 

Figure 4-1: Example Arrangement of Experimental Systems 

 

Table 4.3 and Table 4.4 provide the technical details and module design for each system, 

respectively.  To further demonstrate the effect of experimental scale, modules with different 

membrane chemistry (denoted as Chemistry A and B) were used at each scale for the experimental 

work.  All new membranes used in the tests were operated for three months and then subjected to 
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a recovery clean prior to the start of the experiments to ensure proper module conditioning and 

avoid data skew due to lack of irreversible fouling.    

 

Table 4-3: System Technical Details 

Experimental 

System 

Maximum 

Permeate 

Pump Flow    

(m3/d) 

Biological 

Volume     (L) 

Membrane 

Tank Volume     

(L) 

Total 

Number of 

Modules 

Total 

Membrane 

Surface Area 

(m2) 

A1 3.3 470 30 4 3.8 

B 436 17,550 970 3 90.4 

C 2,496 390,000 20,000 56 1,687 

D2 3,785 3,091,900 146,680 144 4,339 

1Bench-scale system (A) has four membranes in a common tank each running on a separate permeate pump. 
2Full-scale system (D) has four membrane trains, each with 3 cassettes.  Data was from one train, so flow rates, 

membrane surface area and membrane tank volume represents one train. Biological volume is for the whole system 

as these are common tanks.   

 

Each module could be individually operated in the bench (A) system, while the smallest control 

unit for all other systems was one cassette.  Flux and membrane aeration rate and frequency could 

be manually or automatically controlled using the system PLC.  Tank level, process aeration, 

production cycle, wasting, etc. were also all controlled by the PLC but were not modified for this 

series of experiments.  Air for membrane scouring was introduced below or within (in the case of 

System A) the modules via aeration tubes of similar design in order to generate equivalent bubble 

sizes for all four systems.  Permeate was collected from both ends of the modules in all cases 

except System A modules, where permeate is only collected at the top due to the very short fibre 

lengths being used.  Expanded details on the systems used in the study can be found elsewhere 

(Chapter 3). 
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Table 4-4: Membrane Details 

Experimental 

System 

Module 

Dimensions           

L x W x H         

(m) 

Module 

Surface 

Area   

(m2) 

# Modules 

per 

Cassette1,2 

# Cassettes in 

Operation for 

Tests3 

Maximum # 

Aerated Gaps 

per 

Module/Cassette 

A 0.1Ø x 0.69 0.95 n/a n/a 1 

B 0.8 x 0.5 x 2.2 30.13 3 1 4 

C 0.8 x 0.5 x 2.2 30.13 56 1 58 

D 0.8 x 0.5 x 2.2 30.13 48 3 50 

1 No cassette was used with System A, instead 4 modules were operated individually. 
2 System C had a custom cassette capable of holding up to 56 modules operated in two groups of 12 and 

two groups of 16.  Only one of the 12 modules groups was used for this work. 
3 System D has four membrane trains, each with 3 cassettes.  Data from only one train was used for the 

experiments.  

 

4.2.2 Timing of Data Collection and Analysis 

The evaluation of the four systems was conducted over a cumulative time period of nearly four 

years to allow for repeated test runs.  While mixed liquor temperature and influent characteristics 

did vary over the period of time, all short-term tests were conducted when conditions were very 

similar in all four systems.  Selection of test runs for analysis was based on the specific mixed 

liquor conditions and Time-to-Filter (TTF) filterability results (see section 4.2.5) of each test.  Flux 

set points were temperature corrected to minimize the known impact of temperature on 

filterability.  A detailed discussion on the filterability and temperature impact is presented later in 

the results.  In all systems the installed membranes remained the same throughout, with a control 

performance test used to demonstrate the modules had maintained the same permeability over the 

time period of testing. 

 

4.2.3 Aeration rates 

All systems introduced membrane scouring aeration into the gaps between rectangular modules 

except System A which used a round module with a gap in the center.  All four systems had an 

aeration system designed to create the same sized course bubble.  Since all four systems also used 
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the same membrane fibre, this resulted in the same fibre-to-bubble size ratio, regardless of the size 

of the modules.  The three larger systems (B-D) all use the same membrane module with the same 

gap size between modules and therefore had the same instantaneous aeration rate per gap applied, 

as recommended by the supplier.  For each system, the normalized aeration rate per gap Ig in Nm3 

h-1 was determined based on specific system conditions.  The required aeration rate Qa in Nm3 h-1 

was then calculated using: 

 

𝑄𝑎 = 𝐼𝑔𝑃𝐺𝑝            (4.2) 

 

where P is the percentage of permeation time with aeration and Gp is the total number of gaps (see 

Table 4.4).    In all four systems the same frequency of aeration, 10 seconds on and 10 seconds off, 

was applied resulting in a value for P of 0.5.  The gap aeration rate between the modules directly 

impacts the mean in-module upflow air velocity Ua (m s-1) and the amount of shear imparted to 

the fibres (Verrecht et al., 2008).  While the three larger systems had the same instantaneous gap 

aeration rate applied, the smaller system had a lower instantaneous gap aeration rate applied based 

on supplier recommendations.  

 

Using the determined aeration rate Qa and the known operational parameters such as membrane 

area Am (m2) and density of the air at delivery ρa (kg m-3) for the various systems, the mass flow 

rate ṁ (kg s-1) and air mass flux (AMF in kg m-2s-1) (Table 4.5) can be derived using equation 4.3 

and 4.4.  The air mass flux (AMF) term, similar to the more commonly recognized solids mass 

flux (SMF) term, is a measure of the mass of air introduced into the system per second per 

membrane area unit.  The membrane aeration intensity can be defined based either on the cross-

sectional area of the gaps between modules or on the membrane surface area.  In this study, the 

latter definition is applied since it is the available membrane area that drives the solids movement 

into the cassette via the permeate flux.  It should be noted that like many other aeration terms 

proposed in MBR research, the AMF term does not take bubble size, distribution, etc. into account. 

 

�̇� = 𝜌𝑎𝑄𝑎           (4.3) 

𝐴𝑀𝐹 =
�̇�

𝐴𝑚
           (4.4) 
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Table 4-5: Aeration Details 

Experimental 

System 

Ig 

(Nm3/h) 

Qa 

(Nm3/h) 

ρa 

(kg/m3) 

AMF 

(kg/m2/s) 

A 3.4 1.7 1.29 6.44E-04 

B 18.7 37.4 1.50 1.73E-04 

C 18.8 131.6 1.48 1.50E-04 

D 19.7 1479.7 1.54 1.46E-04 

 

4.2.4 Performance evaluation 

In order to evaluate performance of the different experimental system scales a short-term flux 

stepping approach was employed.  The short-term flux test applies the same technique as that used 

for determining the critical flux but with the goal of determining the fouling rates instead (Field et 

al., 1995; Guibert, 2000; Le-Clech et al., 2003c).  Fouling rates provide information about fluxes 

at which the accumulation and ablation rates of solids on the membrane surface become 

unbalanced.  In the short-term test, flux is increased for each permeation cycle with aerated 

relaxation between steps, mimicking a production cycle during normal operation and allowing for 

reversible fouling removal (Van der Marel et al., 2009).  For all results presented here, the 

production cycle used was 10 minutes in duration, 9 minute permeation followed by 1 minute 

aerated relax.  A control test using identical operational parameter settings (i.e. aeration rate and 

frequency) was conducted at the beginning and end of each series of flux stepping tests on each 

system to demonstrate repeatability of results (Figure 4.2 and Table 4.6).  The results show that 

the performance of tests was repeatable; therefore, it can be assumed that irreversible fouling was 

not occurring during the data collection.    In total 23 test series were conducted on System A, 14 

on System B, 12 on System C and 9 on System D.  Additionally, in all cases routine chemical 

cleaning was suspended during the data collection runs and extended aerated relaxes of several 

hours were instead applied in order to recover the membranes for the next test. 
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Figure 4-2: Example of Repeatability of Results 

 

Table 4-6: Examples of Repeatability - Standard Deviation of Fouling Rates (kPa/min) 

Experimental 

System 

Flux 

Step 1 

Flux 

Step 2 

Flux 

Step 3 

Flux 

Step 4 

A – Chem A ±0.008 ±0.004 ±0.003 ±0.003 

A – Chem B ±0.014 ±0.015 ±0.008 ±0.018 

C – Chem A ±0.012 ±0.021 ±0.005 ±0.029 

C – Chem B ±0.032 ±0.018 ±0.001 ±0.015 

 

From the collected flux and TMP data, the fouling rates FT (1/m/s) that is defined as the increase 

rate of the filtration resistance could be calculated (Van der Marel et al., 2009): 

 

𝐹𝑇 =
𝑃𝑒−𝑃𝑖

𝜇𝐽𝑁𝑇

1

∆𝑡
           (4.5) 

 

where Pi and Pe (Pa) represent the initial and end pressures of the operation cycle, µ is the viscosity 

of the permeate (Pa-s), JNT
 (m3m-2s-1) is the net flux corrected to 20° and Δt (s) is the time step 

duration.  Use of this approach allows for the determination of the critical flux and the fouling rate 

above it when the membrane module starts to experience solids accumulation and fouling.  By 

setting the change in cycle pressure to an arbitrary value the critical flux (Fcrit) could be determined 

with equation 4.5.  The value assumed for the Fcrit calculation was a minimum increase of 100 

Pa/min since this was in line with observed fouling rates at or below 30 lmh in all four system 

scales.  In some instances, a negative fouling rate was observed, which can indicate the ablation 

rate, the removal rate of fouling materials from the surface of the membrane, is higher than the 
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accumulation rate of materials drawn to the surface of the membrane by permeation.  In these 

cases, the data point was excluded from the plotted data set. 

 

4.2.5 Evaluation of mixed liquor fouling characteristics 

The membrane fouling potential of the mixed liquor in each system was evaluated by monitoring 

the time-to-filter (TTF) and colloidal TOC, both of which are directly influenced by the 

composition and condition of the biomass.  TTF was determined using Standard Methods, Method 

2710H (APHA et al., 1992).  The time required to filter 100 mL of a 200 mL sample through a 

Whatman No.1 paper under applied suction is considered a good measure of the filterability of the 

sludge (Merlo et al. 2004).  For submerged vacuum-based MBR systems, the ideal TTF range is 

under 200 seconds (Figure 4.3). 

 

 

Figure 4-3: Expected TTF Ranges 

 

Colloidal TOC for MBR applications is generally accepted as the differences in TOC measured in 

the supernatant passed through a 1.5 μm filter paper and permeate collected from the membranes.  

TOC was determined using Standard Methods, Method 5310A (APHA et al., 1992).  Studies have 

suggested that colloidal TOC may be a good measure of the fouling potential of the mixed liquor 

but typical ranges expected in full-scale systems have yet to be identified (Fan et al., 2006). 
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4.3 Results and Discussion: 

4.3.1 Comparison of the short-term flux-step method for the four systems 

The flux-step tests were conducted with target flux increments of 5 lmh and each cycle flux was 

increased until maximum TMP of 55 kPa was reached.  Results of the baseline test sets are 

presented in Figures 4.4 and 4.5.  In all four systems fouling rates below Fcrit were observed for 

JNT ≤ 15 lmh for Chemistry A and JNT ≤ 20 lmh for Chemistry B.  Chemistry B was specifically 

designed for MBR application and has a higher surface porosity combined with a more open 

substructure resulting in higher sustainable flux rates compared to Chemistry A, so this observed 

difference in sustainable sub-critical flux rates is expected.  In both cases, System A reached the 

critical fouling rate at the highest flux, and the fluxes at which the critical fouling rates were 

reached decreased with the system size.   This suggests that increasing the test system size results 

in a higher fouling rate (FT) to flux (JNT) ratio and bench sized systems like A will always out-

perform full-scale systems under similar conditions. This trend was also shown in the study by 

Kraume et al. (2009).  Interestingly System C in the Chemistry A series was observed to have the 

highest FT to JNT relationship, where-as both System C and D matched closely until 30 lmh in 

Chemistry B and then System D had the higher ratio.  This may be an indicator that for Chemistry 

B once the system size reaches full-scale membrane design (single cassette in a pilot or multiple 

in plant) there is very little difference up to 30 lmh based on the observed point of fouling curve 

separation on Figure 4.5.  This better alignment of performance may be directly related to 

Chemistry B being designed specifically for MBR use.  Likely only the minor hydrodynamic or 

biological differences between the two largest systems produced the slight variation in fouling 

rates recorded. 
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Figure 4-4: Chemistry A Flux vs. Fouling Rate 

 

In normal full-scale MBR operation, a flux of 50 lmh would be considered to be high and 

unsustainable under long term operation.  At JNT = 50 lmh for Chemistry A, System A has an 

observed total fouling rate FT = 68 x 107 m-1s-1 compared against FT = 108 x 107 m-1s-1
 for System 

B and between FT = 185 to 190 x 107 m-1s-1
 for System C.  Similarly, for Chemistry B at JNT = 50 

lmh System A again has the lowest observed total fouling rate FT = 50 x 107 m-1s-1 compared 

against FT = 72 x 107 m-1s-1
 for System B, and FT = 126 x 107 m-1s-1

 for System C.  System D 

exceeds the maximum operating TMP limits just below 50 lmh in both cases.  If only System A 

was being considered in an experiment, the erroneously conclusion could be drawn that a full-

scale system under similar conditions could sustain a flux of 50 lmh since the in-cycle TMP rise 

of 5.2 kPa observed for Chemistry A is relatively small at that flux.  If the membranes in the full-

scale system were assumed to have a low starting TMP of say 10 kPa, the data from System A 

could in fact imply a sustained flux of 50 lmh for nearly 90 minutes before maximum TMP of 55 

kPa was reached, even assuming no ablation was occurring during the aerated relax between 

production cycles.  It would be an even longer period of time if Chemistry B data was used, since 
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it demonstrates a lower TMP increase due to fouling compared to Chemistry A at 50 lmh.  In 

reality the results of System D for both chemistries show 50 lmh was not achieved, and in fact at 

that flux rate maximum TMP of 55 kPa would be reached in less than one 9 minute production 

cycle since the in-cycle pressure rise is projected to be 10.9 and 13.1  kPa/min for Chemistry A 

and B respectfully.  

 

 

Figure 4-5: Chemistry B Flux vs. Fouling Rate 

 

The large discrepancy in fouling rate increase for System A compared against the other systems 

suggests that hydrodynamics, product design, operating conditions or biological factors as 

identified by Kraume et al. (2009) are resulting in a higher solids ablation rate in the system at 

higher fluxes.  Since the membrane fibre and operating conditions were the same for all four 

systems and biological factors were purposely similar, this leaves only hydrodynamic factors, 

specifically solids flow and/or aeration rates as the potential causes in the differences observed.   
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4.3.2 Impact of Solid Mass Flux  

In an effort to better understand the differences in the hydrodynamic influencers of solids flow, 

the relationship between the fouling rates and SMF was investigated.  The solids mass flux (SMF) 

takes into account the amount of solids actually drawn to the surface of the membrane during 

operation by the permeate flow.  By applying the solid mass flux equation (4.1) to the flux data 

collected during the tests, the SMF vs. Fouling Rate curves were generated (Figures 4.6 and 4.7).  

The density of the MLSS required for equation 4.1 was determined using the common slurry 

density calculation (4.6). 

 

𝜌𝑆𝐿 = 100%/(
%𝑆

𝜌𝑆
+

(100%−%𝑆)

𝜌𝑙
)        (4.6) 

 

Where the density of the solids ρs = 1450 kg/m3 (Bannock et al., 2010), the density of the liquid is 

that of water ρl = 998.2 kg/m3 and the solids concentration is the MLSS concentration in g/L 

converted to a percent of the solids mass fraction.  Since operating temperature and MLSS 

concentration was very similar during testing, ρSL varied less than 1% across the four systems.  

This implies that the trends for SMF vs. FT are therefore very similar to the trends for Flux vs. FT, 

and the results in Figures 4.4 to 4.7 support this conclusion.  

 

Using SMF (kg/m2/s) instead of flux (lmh) to graph the fouling rates of the four systems does not 

radically alter the shapes of the curves with the upwards slope only becoming a bit more 

pronounced due to the similar mixed liquor density with these systems.  As observed in Figures 

4.6 and 4.7, System A for both chemistries still shows the best performance with the highest 

average SMF/FT ratio (2.42x10-11 ± 1.60x10-11 standard deviation and 6.41x10-11 ± 7.33x10-11 

respectively) while System C with a ratio of 9.44x10-12 SMF/FT (Chemistry A) demonstrates the 

worst performance.  The larger the SMF/FT ratio, the better the module performance – essentially 

it means a higher flux is achievable with a lower fouling rate when solids concentration in the tank 

is equal between module designs.  In principle, this could be an indicator for a better module 

design.   
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Figure 4-6: Chemistry A SMF vs. Fouling Rate 

 

Given that the area of the different test systems cancels out in Equation 4.1 and knowing that the 

slurry density was essentially identical across all systems, it can be concluded that the amount of 

solids being drawn to the surface of the membrane at any given flux rate was equal for all four 

scales.  Therefore, it is not the solids mass flux into a system that is alone causing the differences 

between system fouling rates and another hydrodynamic influencer must be at work.  The most 

obvious factor is the aeration rate applied to a system since the bubbles passing upwards along the 

fibres introduces shear that helps remove solids from the membrane surface via eddy turbulence 

and induced fibre-to-fibre contact (Delgado et al., 2008; McAdams et al., 2011).   
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Figure 4-7: Chemistry B SMF vs. Fouling Rate 

4.3.2 Impact of aeration mixing intensity 

The air mass flux (AMF) for each system size during the tests shown in Figures 4.6 and 4.7 is 

graphically presented in Figure 4.8.  Systems C and D have AMF values that vary less than 3% 

which corresponds to the use of similar normalized aeration rates per gap Ig and air delivery 

densities ρa due to common operating levels as previously presented in Table 4.5.  While System 

B also had Ig and ρa values in line with the bigger scale systems, the lower number of gaps being 

aerated in the pilot unit combined with the lower membrane area increased the AMF value by 18% 

over the full-scale system.  This increase in AMF being delivered to the membrane surface resulted 

in a reduced fouling rate at similar flux compared to System C and D.  In the case of System A, 

the AMF rate was 441% higher than the full-scale system, directly resulting in the significantly 

lower fouling rates and higher sustainable fluxes observed.   
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Figure 4-8: Calculated AMF for SMF Tests 

 

Given the differences in the aeration mixing intensity between the systems tested, a method is 

required to incorporate the impact of aeration rate on the fouling rate while still accounting for the 

amount of solids being drawn to the surface of the membrane.  It is proposed that the fouling rate 

be graphed against the ratio of SMF to AMF to better illustrate the importance of both solids and 

air mass flow rates to the test system performance.  The membrane area in the two equations 

cancels out and the ratio SMF/AMF becomes a measure of the solids flow (kg/s) begin drawn 

towards the membranes causing fouling accumulation versus the aeration rate (kg/s) driving 

fouling ablation.  Since taking the ratio of SMF/AMF results in a dimensionless factor, it is further 

proposed that the fouling rate should also be converted to a dimensionless factor by normalizing 

it against a minimal fouling rate.  A reference fouling rate ratio (FTR) was calculated at each flux 

step using a TMP increase of 100 Pa per min, which is the reference rate used in calculating the 

critical fouling rate (FCRIT) for Figures 4.4 and 4.5.  A change in TMP this low is essentially non-

fouling when an aerated relax is applied between permeation cycles at a constant flux, so it allows 

for normalization of the results to a common factor. 
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Figure 4-9: Chemistry A SMF/AMF vs. Fouling Rate (unitless) 

 

The use of the SMF/AMF approach results in a near-collapse of the curves for the largest three 

systems, which is expected given the similar characteristics of the systems in terms of membrane 

design and operating parameters (Figures 4.9 and 4.10).  The cause of the significantly better 

performance of System A in both chemistries now becomes clear as the bench membrane unit is 

operating in a much lower solids-to-air ratio region compared to the other three systems.  In System 

A, the amount of aeration being applied for the amount of solids flow rate to the surface of the 

membrane is much greater than that applied in Systems B, C, and D, even though all three are 

operating at the same flux and near identical MLSS conditions.  Thus the much sharper SMF/AMF 

to FTR curve observed for System A.  From these graphs it is clear that assuming fouling rate is 

directly proportional to SMF and indirectly proportional to AMF can highlight performance 

differences in systems of different scale.   
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Figure 4-10: Chemistry B SMF/AMF vs. Fouling Rate (unitless) 

 

 

4.3.3 Discussion of potential to adjust bench results to aid in full-scale performance prediction 

In order to make better use of bench or small lab-scale pilot data for prediction of full-scale system 

performance, it would be useful to have a method to correct that data to mimic full-scale results.  

Since the curves presented in Figures 4.9 and 4.10 appear to have the form of a power function 

f(x) = axb at first glance it appears that it might be possible to develop an equation that would 

provide a best-fit line for all of the full-scale module (Systems B, C and D) data.  However closer 

examination of the three larger systems using the same module design and with the same operating 

parameters reveals that they do not share a common power function.  The data does collapse when 

the SMF/AMF approach is applied but not completely.  Divergence of the curves occurs as flux 

rises above the critical flux.  From this we can conclude that common membrane design alone is 

not sufficient to create identical results between two different systems.  Minor variations in 

operating conditions, filterability, biology, etc. in the different systems can result in the observed 
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differences.  However, a general power function curve can still be developed for guidance on how 

to possibly modify the bench scale system to better mimic full-scale designs.   

 

By applying a power function trend line to each of the larger three systems for Figures 4.9 and 

4.10, the constants a and b were determined for each.  The average of the constant was then 

calculated along with the standard deviation and Figures 4.11 and 4.12 show the results of 

calculating this generalized power function.  The generalized power function fits well for both 

Chemistries at SMF/AMF ratios up to 40, which is equivalent to the average daily flux for typical 

operation conditions of 10 g/L in the bioreactor at or below 20°C for many MBR suppliers.  Above 

the SMF/AMF value of 40, the power curve for Chemistry A follows more closely with Systems 

B and C, while the power curve for Chemistry B follows with System D.  This indicates that above 

average daily flow operating conditions, it is more challenging to predict performance because the 

system may be more susceptible to hydrodynamic conditions that can alter fouling rate. 

 

 

Figure 4-11: Chemistry A SMF/AMF vs. Fouling Rate (unitless) with Power Function 
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Figure 4-12: Chemistry B SMF/AMF vs. Fouling Rate (unitless) with Power Function 

 

As shown in Figures 4.11 and 4.12 the bench-scale System A was operated at a much lower 

SMF/AMF region than Systems B, C, and D.  Would the bench-scale system mimic the filtration 

behavior of the larger systems if it was operated at the same SMF/AMF ratios?  Figure 4.13 

illustrates the impact of the SMF/AMF ratio on the dimensionless fouling rate of System A for the 

Chemistry B experiments.  The original data was collected at the manufacturer’s recommended 2 

SCFM aeration rate and applying 10-10 aeration frequency.  Two alternative aeration rates were 

applied at 10-10 aeration frequency: 5 and 1.5 SCFM.  Additionally, at 1.5 SCFM the aeration 

frequency was altered to 10-30 to simulate a lower net aeration rate.  Mixed liquor conditions were 

unchanged during the series of experiments and the same flux steps were used.   
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Figure 4-13: Impact of Altering AMF on System A 

 

Applying 5 standard ft3/min (SCFM) to the bench system resulted in the SMF/AMF ratio shifting 

from 24 to 10 for the module at a FTR of 5.0 and generating a much sharper curve (Figure 4.13).  

The sharpness of the curve represents the fact that the TMP increased slowly for the majority of 

the test, allowing the system to reach a high SMF rate in the range of 1.5x 10-2 kg/m2/s equivalent 

to a flux of over 50 lmh before fouling was observed to begin.  Clearly increasing the aeration rate 

resulted in a higher removal rate of solids during the test.  Taking the opposite approach and 

reducing the aeration rate to 1.5 standard ft3/min, which is slightly below the manufacturer’s 

recommended rate, produced a curve very similar to the original System A results but slightly 

shifted to the right.  The solids mass flux in this case remained the same but with a lower aeration 

rate, the removal of solids from the membrane surface was reduced and the TMP rose more 

quickly.  However, the curve was still not matching the SMF/AMF curves of the larger systems.  

It was only when the aeration frequency was reduced to 10 seconds on, 30 seconds off, which 

increased the SMF/AMF ratios to the similar region applied to Systems B, D and C, that the System 

A results began to collapse onto the larger systems and followed the same curve shape up to a 
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SMF/AMF ratio of 48.  This suggests that SMF/AMF ratio could be a characteristic parameter to 

define the operation conditions of systems of different scales, which could aid in creating 

conditions that simulate full-scale performance using a small scale system like System A.  Further 

experimentation is required to explore this concept with varying MLSS concentration and aeration 

intensity for both the smaller and larger systems.  Other areas to verify if the SMP/AMF concept 

can be used as a universal parameter for a control condition of the bench-scale tests may be the 

effect of the module configuration since this study only tested one bench-scale system that had 

been designed to mimic the present commercial module design.  Finally, the size of the bubble and 

how it is delivered to the module may have an effect on performance and the AMF term does not 

take this into account.  This would be an additional area of research that could be explored in 

future.  

 

4.3.4 A Brief Discussion of system filterability and mixed liquor conditions 

The mixed liquor properties were closely monitored on all four systems during the study to 

determine the impact, if any, of system scale-up.  Although scale-up of the system was found to 

have limited influence on the mixed liquor properties, the smallest system was found to be more 

susceptible to rapid changes and upsets due to changes in the feed or biological process conditions.  

Specific attention was paid to the TTF and colloidal TOC as both have been suggested to be useful 

tools in assessing the filterability of the sludge.  During the short term flux tests, samples were 

taken daily to capture any changes in the filterability that may affect the tests.  Sampling rate was 

reduced to three times per week during the time between experimental runs.  Table 4.7 summarizes 

the observed TTF and colloidal TOC ranges observed during the study. 

 

The colloidal TOC results were found to be consistent between three of the four systems (A, C and 

D).  However, System B (the module pilot) showed considerably higher colloidal TOC levels.  The 

results were verified by third party testing for all systems, ruling out measurement error.  

Membrane performance during both the tests and normal operation did not indicate elevated 

fouling due to the high colloidal particle level in System B when compared to the other systems in 

the study.  This suggests that the colloidal TOC measurement may not be an indicator of sludge 

filterability or fouling tendency in all circumstances (Fan et al. 2006). 
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Table 4-7: Mixed Liquor Filterability and Temperature 

Test System TTF Range/Mean 

(seconds) 

Colloidal TOC 

Range/Mean (mg/L) 

ML Temperature Range 

(°C) 

A1 45-220, 86 0.4-2.6, 1.5 10-25 

B 45-300, 184 8-30, 17 12-28 

C1 56-220, 113 0.1-3.0, 1.7 10-25 

D 42-250, 153 0.5-2.5, 1.4 18-30 
1 Systems A and C had the same wastewater feed source but due to some permeate recycle varied in TTF and TOC 

means 

 

Unlike colloidal TOC, Time-to-filter was found to be a good indicator of mixed liquor filterability 

in this study, with relatively comparable results for all four systems.  In all cases the filterability 

was found to be in the desirable range per Figure 4.3.  Comparing the TTF trend to other mixed 

liquor properties (MLSS, TOC, DSVI, etc.) did not identify any specific relationships on the 

smaller systems.  However, System D the largest of the systems, did show some related trending 

to the MLSS (Figure 4.14).  Very high or low MLSS values appear to result in similar changes in 

the TTF values.  In May of 2006 an experiment to purposely drive the MLSS high (11500 mg/L) 

and then low (6200 mg/L) to see what would happen to the TTF was conducted by the system 

operators.  During the experiment, the TTF rose from 150 to 230 seconds than rapidly dropped to 

100s when MLSS was decreased.  However, as MLSS was decreased further, the TTF began to 

rise again, indicating a change in the biology was affecting the filterability of the mixed liquor.  

This change in biology was reflected in a rise in total nitrogen (TN) in the effluent due to an impact 

on the nitrifiers in the mixed liquor.  Biological indicators suggested that the nitrifiers had suffered 

a significant die-off due to the shock of changing MLSS concentration quickly.  It took several 

weeks to recover the biology and reduce the effluent TN back to normal levels. 
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Figure 4-14: TTF and MLSS Possible Trend 

 

In an effort to evaluate the effects of poor filterability on membrane performance, two sets of short-

flux tests were conducted on systems A and C using the Type A membranes.  The mixed liquor 

was altered through process changes to produce TTF values above 400s.  As shown in Figure 4.15, 

at both scales the fouling rates increased under the poor filterability conditions.  System A showed 

little variation up to 25 lmh but then experienced a rapid rise in fouling rate up to 3.4 kPa/min and 

exceeding the fouling rate of the larger System C at the same flux.  This would suggest that the 

smaller system is more sensitive to changes in mixed liquor filterability.  It could be concluded 

from Figure 4.15 that conducting fouling tests when TTF is higher would produce better 

comparisons of scale, however up to 30 lmh the fouling rate for the bigger system C was still 

higher than that of system A, which shows almost no fouling.  Further, operation at a higher fouling 

rate may introduce other issues, such as pore blinding, that requires chemical cleaning.  Operation 

at TTF below 300s, to align with industry standard recommendations, is still advised. Overall, the 

TTF results indicate that it can be used at all system scale levels as an effective measure of the 

filterability of the sludge and to aid in prediction of membrane performance.  
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Figure 4-15: Effect of High TTF on Membrane Performance 

 

4.4 Conclusions: 

Results presented in this paper demonstrate that the performance at one system size cannot be used 

to predict performance at another system size without carefully considering the impact of the 

change in scale.  Decisions on what flux rates a system can sustain, based on TMP or fouling rates, 

should be made using data from a similarly sized system.  The implications of the results from 

small-scale system research to the performance of a full scale plant may be limited by the variance 

of the air distributions, module arrangement, tank hydraulics, and mixed liquor properties within 

systems of different scales.  Using solid mass flux (SMF) to compare performance results during 

flux step tests was shown to be a valuable tool.  Incorporating the aeration mass flux by apply the 

ratio SMF/AMF allowed for easier comparison of several different systems with similar module 

design and operational characteristics. Variation of the aeration rate on bench scale modules and 

the impact it can have on performance was explored, and a possible method of modifying bench 

scales results to mimic full-scale systems was identified by using the SMF/AMF ratio as a control 

factor for the bench-scale module tested.  Further experimentation is required to flush out this 

approach but in general small-scale systems can be useful for quick comparisons of new membrane 

designs or operation strategies.  Longer-term full-scale operational experience should still be used 

to prove out any new concept in MBR systems based on the findings presented here. 
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The need to operate small systems to finely control mixed liquor properties for performance 

evaluations is not always necessary, as larger scale systems have been shown to have equal or 

better sludge characteristics.  Instead, such factors as temperature and wastewater feed source were 

found to exert more influence on mixed liquor properties.  However, small-scale system 

membranes were found to be more susceptible to fouling due to changes in mixed liquor properties.  

Colloidal TOC was found to be an inconsistent indicator of the observed performance trends, while 

TTF appeared to be a good measure of filterability and membrane fouling.  Additional evaluation 

of full-scale systems could be useful to confirm these observations.   

 

Based on the results of this study the following recommendations are made: 

 Bench-scale systems should be used when making initial assessments of alternative 

membrane designs (e.g. chemistry or fibre diameter) or assessing the potential impact 

mixed liquor properties can have on operation. 

 Module-scale or cassette-scale systems should be used when selecting operational 

parameters and comparing module design. 

 Full-scale existing plant testing must be used to verify performance under the operational 

parameters and module/cassette designs selected for long-term sustainable operation. 

 Time-to-filter is a good measure of the filterability of mixed liquor and a useful tool for 

predicting membrane fouling. 
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5 HOW KEY MODULE OPERATIONAL AND DESIGN PARAMETERS IMPACT 

PERFORMANCE IN A MEMBRANE BIOREACTOR 

J. Pawloski and S. Chang 

 

A study of the impact key membrane module operational and design parameters have on the short 

term membrane performance in a membrane bioreactor (MBR) process was conducted.  Packing 

density in a cassette, module surface area, module design and aeration rate and frequency were all 

examined for a full-scale membrane module.  A novel solid mass flux to air mass flux analysis 

was applied to allow for normalization and comparison of results. 

 

5.1 Introduction: 

Study of the impact that key operational parameters and module design have on performance is 

conducted both for the development of fundamental knowledge and for the improvement of 

practical application.  Understanding why one element of operation or design has more impact 

over another is crucial to being able to refine and improve membrane performance in a MBR.  

Several recent review papers (Drews, 2010; Santos et al., 2011) have noted that although multiple 

studies have been done the relationship between module design (surface area, packing density) 

and specific operational parameters such as aeration rate and frequency to membrane performance 

are still not well understood.  Inconsistencies and contradictions in the research coupled with use 

of synthetic wastewater and/or laboratory sized membrane modules have resulted in conclusions 

that often do not bare-up under full-scale application.  Developing an understanding of how key 

design variables like packing density, surface area and air introduction into hollow fibre membrane 

modules impacts performance at full-scale is of interest to both academics and industry.  Since 

aeration is the primary method used to control fouling in membrane bioreactors, how the aeration 

rate and frequency selected impacts the performance is also of key interest.  Product design and 

operational parameters can also direct influence the capital and long-term costs of the system.  

Therefore, it is important to explore these parameters in more detail but in a method that addresses 

the early studies weaknesses (Drews, 2010).  This paper addresses these issues by using a novel 
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analysis approach (Chapter 4) coupled with full-scale membrane module systems running on real 

municipal wastewater.   

 

The most popular method of comparing the performance of membranes under different operational 

scenarios is the short-term flux step method and Van der Marel et al. (2009) introduced a modified 

test that mimics the full-scale production cycle.  A fixed flux, or really flow rate step followed by 

a short period of relaxation is typical of operating MBR systems.  Permeate flow set points are 

adjusted at the end of each production cycle when the influent flow increases or decreases, which 

is essentially the same as adjusting the flux in the step method.  Along with pacing the membrane 

permeating rate to the influent flow, most full-scale systems also adjust the mixed liquor 

recirculation rate to control the suspended solids (MLSS) in a range suitable for optimized 

performance (Judd, 2011).  Braak et al. (2011) note that the characteristics and the concentration 

of the mixed liquor has been found to influence membrane performance, thus a method to 

incorporate the MLSS set point into the test results is required.  One industry approach is to use 

the Solid Mass Flux (SMF) that incorporates both the MLSS and the membrane flux into one term.  

While there are several methods to calculate SMF, the most accurate approach is to calculate it 

using the mixed liquor density (ρSL) and multiply it by the net temperature corrected flux JNT.   

𝑆𝑀𝐹 = 𝜌𝑆𝐿𝐽𝑁𝑇           (5.1) 

The impact of varying aeration rates and frequency on the membrane performance can also be 

addressed in a similar manner by calculating the Air Mass Flux (AMF). 

𝐴𝑀𝐹 =
𝜌𝑎𝑄𝑎 

𝐴𝑚
           (5.2) 

The AMF value takes into account the amount of aeration being delivered to the membrane surface 

area (Am) and is of value in normalizing the aeration rates for different membrane systems when 

comparing performance.  By coupling the Van der Marel et al. (2009) method with a term that 

divides the SMF by the AMF, a flux-step test curve with dimensionless parameters can be 

generated to compare module design and operational settings (Chapter 4).   

The overall goal of researching membrane performance in MBR is to allow for improvements to 

the products that can help reduce the cost of treating water with this advanced technology (Santos 

et al., 2011).  Many improvements have been made since the first real commercial applications of 
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the technology in the early 1990’s, however work still remains, specifically around module design 

and membrane aeration optimization.  Increasing the treatment capacity of a membrane while 

reducing the aeration energy required has become an increasing popular area of research (Braak et 

al., 2011).  Numerous studies have explored how to reduce aeration rate and frequency, and 

therefore energy, without compromising the membrane performance (Santos et al., 2011).  In this 

work the impact the aeration rate and frequency have on full scale module flow capacity is 

explored.  How the module is designed to allow for better aeration penetration is also examined.  

Increasing the treatment capacity is also addressed by looking at module design.  Two of the most 

common methods of increasing the capacity of a MBR system are increasing the individual module 

surface area or increasing the cassette packing density by increasing the number of modules 

installed in the same cassette footprint.  Both approaches allow for an increase in flow rate for the 

same cassette footprint, and a higher module surface also increases the cassette packing giving an 

extra benefit that increasing the number of modules per cassette alone does not.  The impact of 

both approaches on membrane performance results are explored in this work. 

 

5.2 Materials and Methods: 

5.2.1 Experimental set-up 

The research presented here was conducted using three submerged membrane bioreactor systems 

of increasing size and capacity (systems B to D) that all employed the same base module design 

and operation parameters.  Three systems were required due to the limited time available for testing 

on each system.  Use of the multiple system approach allowed experiments to be run in parallel.  

Data previously collected from a bench (laboratory) sized system (System A) was also used for 

reference purposes only.  All of the systems were fed with screened raw municipal wastewater, 

had very similar influent characteristics (COD 150-300 mg/L and TSS 140-300 mg/L range), and 

applied the same general operating parameters as summarized in Tables 5.1.  All systems used 

ZeeWeed® PVDF ultrafiltration hollow fibre membranes that were identical in fibre diameter and 

pore size (1.9 mm OD, 0.04 μm nominal) but varied in fibre length and module design.  Figure 5.1 

shows the typical arrangement of the systems.  Flux and membrane aeration rate and frequency 

could be manually or automatically controlled using the system PLC.  Tank level, process aeration, 
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production cycle, wasting, etc. were also all controlled by the PLC but were not modified for the 

series of experiments.  Air for membrane scouring was introduced below the modules via aeration 

tubes of identical size and design (Systems B to D) in order to generate the same bubble sizes for 

all three systems.  Permeate was collected from both ends of the modules in all cases except where 

module design was specifically modified as noted in the results section.  Expanded details on the 

systems used in the study can be found elsewhere (Chapter 3; Pawloski et al. 2008).  

Table 5-1: System Operating Parameters 

Experimental System Location of System Flux1 

(lmh) 

TMP 

(kPa) 

MLSS2 

g/L 

SRT3 

Days 

HRT4 

Hours 

A (Bench)* Burlington, Ontario 9.9-74 3-55 8-12 15-20 8 

B (Full-Scale 

Module) 

Guelph, Ontario 9.9-82.5 7-55 8-12 15-20 8 

C (Full-Scale 

Cassette) 

Burlington, Ontario 9.9-66 7-55 8-12 15-20 8 

D (Full-Scale Plant) Pooler, Georgia 13.2-66 14-55 8-11 15-25 7.7 

1 In some cases flux is limited by pump capacity and this is noted in the relevant results. 
2 MLSS measured in the membrane zone. 
3 Target SRT for all systems is 15 days. 
4 HRT is based on average day operation at 33 lmh. 

*Reference system only 
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Figure 5-1: Example Arrangement of Experimental Systems 

 

In some cases, alternative membrane chemistry than the baseline was used for the experimental 

work, based on the modules available for testing in each system.  The two chemistries are referred 

to as Chemistry A and B in this paper, with Chemistry A being the commercial chemistry available 

from the membrane supplier at the time the research was conducted.  All new membranes used in 

the tests were operated for three months and then subjected to a recovery clean prior to the start of 

the experiments to ensure proper module conditioning and avoid data skew due to lack of 

irreversible fouling.  Detail on the membrane design and operational parameters such as aeration 

rate and frequency are provided in the results section for each series of experiments. 

 

5.2.2 Timing of Data Collection and Analysis 

Evaluation of the key module design and operational parameters under consideration was 

conducted using short-term flux stepping tests.  All tests were conducted during periods of time 

where mixed liquor temperature and influent characteristics were very similar in the three systems 
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to minimize performance variance due to external influencers.  Selection of test runs for analysis 

was based on the specific mixed liquor conditions and Time-to-Filter (TTF) filterability results 

(see section 5.2.3) of each test.  Flux set points were temperature corrected to minimize the known 

impact of temperature on filterability.  In all systems, after installation and conditioning of new 

membranes or modification of existing membranes, a performance test applying regular aeration 

rates was used as a control to ensure result consistency.  The same test was applied at the end of 

each series of flux stepping tests to demonstrate the modules had maintained the same permeability 

over the time period of testing. 

 

5.2.3 Monitoring of mixed liquor fouling potential during testing 

The membrane fouling potential of the mixed liquor in each system was evaluated by monitoring 

the Time-To-Filter (TTF), which is directly influenced by the composition and condition of the 

biomass.  TTF was determined using Standard Methods, Method 2710H (APHA et al., 1992).  The 

time required to filter 100 mL of a 200 mL sample through a Whatman No.1 paper under applied 

suction is considered a good measure of the filterability of the sludge (Merlo et al., 2004).  For 

submerged vacuum-based MBR systems, the ideal TTF range is under 200 seconds. 

 

5.2.4 Aeration rates 

All of the tests conducted used rectangular modules with membrane scouring aeration introduced 

into the gaps between or within the bottom module headers.  All three systems used aeration tubes 

designed to create the same sized course bubbles.  Since all three systems also used the same 

membrane fibre, this resulted in the same fibre-to-bubble size ratio, regardless of the size of the 

modules.  The supplier recommended instantaneous aeration rate per gap was applied unless 

otherwise noted in the results section.  For each system, the normalized aeration rate per gap Ig in 

Nm3 h-1 was determined based on specific system conditions.  The required aeration rate Qa in 

Nm3 h-1 was then calculated using: 

 

𝑄𝑎 = 𝐼𝑔𝑃𝐺𝑝            (5.3) 
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where P is the percentage of permeation time with aeration and Gp is the total number of gaps.  

Aeration sparging frequency was 10 seconds on, 10 seconds off, unless otherwise noted, resulting 

in a value for P of 0.5.  The mass flow rate ṁ (kg s-1) and air mass flux AMF (kg m-2s-1) were than 

calculated using equations (5.4) and (5.2).  

 �̇� = 𝜌𝑎𝑄𝑎           (5.4) 

Membrane area Am (m2) and density of the air at delivery ρa (kg m-3) for the various systems was 

determined for each test series based on the system under consideration. 

 

5.2.5 Performance evaluation 

The short-term flux stepping approach (Le-Clech et al., 2003c; Van der Marel et al., 2009) was 

employed to evaluate performance of the key module operational and design parameters under 

consideration in this paper.  The short-term flux test mimics a real production cycle and allows for 

the determination of fouling rates, which provides information about membrane performance.  The 

fouling rate is a measure of the speed at which accumulation of solids on the membrane surface is 

occurring versus the ablation rate at which aeration scouring is removing them.  The fouling rate 

FT (1/m/s), defined as the increase rate of the filtration resistance was calculated from the flux and 

pressure data (Van der Marel et al. 2009): 

𝐹𝑇 =
𝑃𝑒−𝑃𝑖

𝜇𝐽𝑁𝑇

1

∆𝑡
           (5.5) 

where Pi and Pe (Pa) represent the initial and end pressures of the operation cycle, µ is the viscosity 

of the permeate (Pa-s), JNT
 (m3m-2s-1) is the net flux corrected to 20° and Δt (s) is the time step 

duration.  Since the SMF/AMF (Chapter 4) approach is being applied to the evaluation of the 

performance results, and the resulting value is dimensionless, a reference fouling rate ratio (FTR) 

that is also dimensionless was calculated.  The fouling rate (FT) for each flux step was divided by 

a base fouling rate calculated with a TMP increase of 100 Pa per min, low enough to essentially 

be non-fouling. 

The production cycle for flux step test was set at 10 minutes, with 9 minutes for permeation and 

30 seconds for aerated relaxation of the membranes.  This allows the flux stepping test to mimic a 
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real production cycle while allowing for reversible fouling removal with the aerated relax (Van 

der Marel et al., 2009).  In some instances, a negative fouling rate was observed, which can indicate 

the ablation rate, the removal rate of fouling materials from the surface of the membrane, is higher 

than the accumulation rate of materials drawn to the surface of the membrane by permeation.  In 

these cases the data point was excluded from the plotted data set.  In total 66 test series were 

conducted for this paper as part of a larger body of research.  In all cases routine chemical cleaning 

was suspended during the data collection runs and extended aerated relaxes of several hours were 

applied instead in order to recover the membranes in preparation for the next test series. 

 

 

Figure 5-2: Chemistry A SMF/AMF vs. Fouling Rate (Figure 4.11, Chapter 4) 

 

In order to provide a baseline to compare the results presented here against a module operating 

under normal conditions with no design modifications, the theoretical power curves developed in 

a previous paper (Chapter 4) are included.  Figures 5.2 and 5.3 illustrate the curves for the two 

membrane chemistries under consideration.   The curves were developed by applying a power 



123 

 

function to each individual curve for the three larger systems and applying the averages for the 

constants to a function of the format f(x) = axb (Chapter 4).   

 

 

Figure 5-3: Chemistry B SMF/AMF vs. Fouling Rate (Figure 4.12, Chapter 4) 

 

The SMF/AMF dimensionless value provides a way to measure the accumulation to ablation ratio; 

that is the amount of solids flowing to the surface of the membrane against the amount of solids 

that could be removed from the membrane surface by aeration.  The dimensionless fouling rate 

FTR based on the measured fouling rate (FT) normalized as described above provides a way to 

compare different module designs with different SMF/AMF ratios against one another.  A very 

well designed and operated module would be one that allowed for a high SMF rate to be achieved 

under a very low applied AMF rate and resulted in a very low FTR generated.  Graphically, this 

would appear as a line running almost horizontal to the x-axis with little to no fouling.  A module 
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that achieves a high SMF only when a higher AMF is applied would generate a curve that more 

closely follows the y-axis, especially if there is fouling.  This can be seen in Figures 5.4 and 5.5. 

 

 

 
Figure 5-4: Chemistry A SMF vs. Fouling Rate (FT) for Two System Scales 

 

Figure 5.4 includes the data presented in Figure 5.2 for systems A and C prior to applying the 

normalization.  The third curve included represents a modified module design for system C 

intended to increase flux without modifying the applied aeration rate.  Both System A and the 

System C Special Module show better performance than System C, with the latter only beginning 

to show a slightly increasing fouling rate right at the end of the test run.  When the SMF/AMF 

normalization is applied, this translates into two very different curves as shown in Figure 5.5.  

System A now has a very sharp curve upwards, since the aeration rate was nearly 430% higher 

than that of System C, while the System C Special Module remains nearly flat as the AMF applied 
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was very similar to that of System C.  This is important to keep in mind when comparing results 

of very similar module designs and operational parameters.  

 

 

 
Figure 5-5: Chemistry A SMF/AMF vs. Fouling Rate Ratio (FTR) for Two System Scales 

 

5.3 Results and Discussion: 

5.3.1 Impact of Packing Density 

Packing density is the measure of the amount of membrane surface area installed in a specific 

cassette volume.  It is an important membrane design parameter as it has been shown to have a 

direct impact on the performance of a membrane and the susceptibility of the modules to poor 

aeration leading to solids accumulation (in literature referred to as clogging or sludging) in the 

fibre bundles (Judd, 2011).  A higher packing density where the spaces between the modules are 

reduced has been found to both improve performance due to higher air velocities between modules 

(Ueda et al., 1997) and be detrimental due to increased dewatering (Yeo et al., 2006).  These result 
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contradictions suggest the benefit of packing density increase may be less effective when 

operational conditions are not optimized.  For this study two cassette packing densities were 

considered using the full-sized cassette in System C (Table 5.2).  The cassette was designed to 

allow the spacing between the modules to be reduced, allowing for packing density increase by 

installing additional modules in the same volume. 

Several identical flux step tests using standard sequential 10-10 aeration were conducted to 

compare the two packing densities.  The aeration flow rate was set such that the same AMF of 

1.54x10-4 resulted for the cassette regardless of packing density.  The MLSS in the system was 

11.54 g/L for the first to tests and was slightly reduced to 10.91 g/L after a wasting event.  No 

measurable difference was recorded with the slightly lower MLSS value as the third test run (R3) 

gave very similar results to the other two test runs for both packing densities (Figure 5.6).   

 

Table 5-2: Module Design for Packing Density Tests 

Identifier Chemistry 

Type 

Surface Area 

m2 

Module Spacing 

mm  

Cassette Volume 

m3 

Packing 

Density 

m2/m3 

PD One A 30.13 27 9.4 154 

PD Two A 30.13 8 9.4 206 

 

Below an SMF/AMF value of 60, there is no observable difference between the two packing 

densities.  Both fit well to the baseline power curve generated in the control tests to compare the 

impact of system size on performance (Chapter 4).  Run 1 for both packing densities experienced 

the lowest fouling rate, but overall all runs had a FTR < 3.0 in this region of the curve.  For these 

curves an SMF/AMF value of 60 translates to a flux of 30-32 lmh, showing that both packing 

densities could produce stable operation at fluxes typical of average daily flow (ADF) values for 

many membrane suppliers. 
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Figure 5-6: 10/10 Aeration with Two Different Cassette Packing Densities 

 

When SMF/AMF > 60, PD One continued to have a FTR < 4.0 up to a SMF/AMF = 90, which is 

equivalent to a flux of approximately 50 lmh.  Above this point the fouling rate began to rise until 

maximum TMP was achieved.  Run two for PD One showed a slightly slower fouling rate rise 

than the two other runs and reached SMF/AMF = 118 but at a higher FTR.  The PD Two fouling 

rate began to rise with a similar trend to PD One but it occurred almost immediately above 

SMF/AMF = 60. 

From these results it can be conclude that when operational set points and MLSS concentration 

are typical (based on membrane supplier’s guidelines), increasing the packing density by 34% for 

this membrane product does not have a negative impact at ADF or below.  However, if the 

membranes are required to sustain flow rates above ADF, for example during a peak flow event, 

performance will be reduced if packing density is increased.  A packing density somewhere 

between the two might therefore be selected to allow for product optimization without significantly 

compromising performance. 
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5.3.2 Impact of Aeration Rate and Frequency 

After conducting several identical flux step tests under standard operational conditions, the 

aeration rate and frequency was varied to observe what, if any, impact it had on performance for 

the two packing densities presented above.  Aeration frequency was altered from 10 seconds on, 

10 seconds off to 10 seconds on, 30 seconds off.  The amount of air applied was also reduced by 

25% for both frequencies.  Table 5.3 summarizes the aeration conditions applied. 

Table 5-3: Aeration Conditions for Packing Density Tests 

Aeration Type 
Frequency 

P 

Qa 

Nm3/h 

AMF 

kg/m2/s 

10-10 0.5 133.1 1.54x10-4 

10-30 0.25 66.9 7.75x10-5 

10-10 25% Less 0.5 100.2 1.16x10-4 

10-30 25% Less 0.25 50.3 5.85x10-5 

 

 

Figure 5-7: Impact of Aeration on Packing Density One 
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The reduction of aeration frequency (P) and flow rate (Qa) resulted in little change to the 

performance of PD One below a SMF/AMF = 60, with some separation occurring between the 

four aeration rates as SMF/AMF rose to 100 (Figure 5.7).  Above SMF/AMF = 100 the four 

aeration rates separated significantly and the lower the aeration rate, the better the apparent 

performance.  This is counter-intuitive as a lower aeration rate would be expected to result in a 

lower performance as solid mass flux continued to rise, since less air would be available to drive 

ablation of solids off the membranes.  Graphing the aeration rates as only SMF vs. FT proves this 

to be the case.  A sharp rise in FTR over a very short change in SMF/AMF as indicated in the 

normal 10-10 Aeration rate is actually indicative of a more gradual rise in FT in the SMF vs. FT 

graph, since AMF is the controlling factor here.  When the AMF value is reduced significantly it 

results in a higher SMF/AMF value for each fouling point and the appearance of a more gradual 

rise in the SMF/AMF vs. FTR curve.  Plotting the SMF vs. FT curve (Figure 5.8) for the last five 

points for each of the 10-30 and 10-30 25% less series illustrates this interesting result.  The best 

performance in Figure 5.7 appears to be the 10-30 25% less curve, however compared against the 

regular 10-30 curve in Figure 5.8, it is clear that the SMF to FT rate is actually increasing at a bit 

higher rate (2.29 x 104 vs. 2.42 x 104 kg-1m-1).  It can be concluded that the AMF value needs to 

be normalized when comparing different aeration rates on identical sized systems so that a lower 

value does not inflate the SMF/AMF ratio. 
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Figure 5-8: PD One SMF vs. FT Curves for 10-30 Aerations 

 

In order to normalize the AMF value for the four aeration curves, the AMF for 10-10 aeration was 

used to correct the other AMF values (equation 5.6). 

𝑛𝐴𝑀𝐹 = 𝐴𝑀𝐹2 (
𝐴𝑀𝐹2 

𝐴𝑀𝐹1
)         (5.6) 

Where AMF1 is the 10-10 aeration value and AMF2 is the aeration value being normalized.  SMF 

could then be divided by the normalize value nAMF to correct all the curves (Figure 5.9). 

 



131 

 

 

Figure 5-9: Normalized Impact of Aeration on PD One 

 

The normalized curves for the four aeration rates still show little variation from the 10-10 aeration 

rate when SMF/nAMF < 70, which is equivalent to a flux of 38 lmh.  Fouling rate FTR begins to 

rise rapidly for both 10-30 and 10-30 25% less aeration rates, reaching 13 in value at SMF/nAMF 

< 90.  The two 10-10 aeration rates have a more gradual fouling rate rise to SMF/nAMF = 90, after 

which both experience nearly identical FTR rises to 10 at SMF/nAMF = 100.  Both of the 25% less 

aeration scenarios follow the regular aeration scenario curves closely, suggesting that the amount 

of aeration supplied under normal MBR operating conditions could be reduced for this packing 

density. 

 

For PD Two, all four aeration scenarios in Figure 5.10 show poorer performance than the 

equivalent PD One scenarios, which is expected based on the results in 5.3.1.  Below SMF/nAMF 

= 50, equivalent to a flux of 27 lmh, all four aeration scenarios maintain a FTR < 2 x 102 and are 
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essentially the same in performance.  Once SMF/nAMF exceeds 60, rapid fouling occurs for all 

four scenarios, with the 10-10 and 10-10 25% less aeration rates slightly out-performing the two 

10-30 rates.  All four track very closely to the baseline curve representing the standard module 

design under normal operational conditions. 

 

Based on these results it is clear that PD One should be the preferred design for application of 

these aeration frequencies and further that the reduction of air flow rate is possible without 

compromising performance.  This could be applied in full-scale MBR’s for cost-saving measures. 

 

 

Figure 5-10: Normalized Impact of Aeration on PD Two 

 

5.3.3 Impact of Module Surface Area 

An alternative method often used in the hollow fibre membrane industry to increase packing 

density is to modify the module design to allow for an increase in surface area within the module 

(Judd, 2011).  This is usually accomplished by reducing the distance between fibres and/or adding 
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more fibres per module.  For this study the authors were able to obtain three alternative module 

designs that increased the surface area over the normal module from the membrane supplier.  All 

four modules had the same overall dimensions and were intended to operate with the same aeration 

flow and frequency.  A special cassette was designed to allow for 12 of each module type to be 

operated side-by-side under the same conditions simultaneously while flow and pressure from each 

set of modules was individually monitored.  Table 5.4 summarizes the four module designs and 

the associated packing density.  The full-scale MBR plant System D was used to test the four 

different module designs against each other.  During the testing MLSS was in the standard 10-12 

g/L range.  Aeration was on a cassette basis, so all four module types received the exact same 

amount of aeration, equivalent in flow Qa and frequency P.  However, since surface area varied, 

the AMF value also varied and Table 5.5 summarizes the four module values.  The three higher 

surface area AMF values were normalized against the base module identified as SA 1 in the table 

to allow comparison of the results using Equation 5.6.  The overall higher surface area tests were 

conducted to study long term performance of the modules.  Presented in Figure 5.11 are the results 

of a series of short term flux step tests performed when the temperature and characteristics of the 

mixed liquor was closest to the other tests in this paper. 

Table 5-4: Module Design for Higher Surface Area Tests 

Identifier Chemistry 

Type 

Surface 

Area 

m2 

Number 

of Sheets 

Fibre 

Pitch 

mm 

Cassette 

Volume 

m3 

Packing 

Density 

m2/m3 

SA 1 B 30.13 11 3 9.4 154 

SA 2 B 32.87 12 3 9.4 169 

SA 3 B 33.14 11 2.7 9.4 170 

SA 4 B 36.16 12 2.7 9.4 185 

 

Table 5-5: Aeration Conditions for Higher Surface Area Tests 

Identifier Aeration Type Frequency 

P 

Qa 

Nm3/h 

AMF 

kg/m2/s 

SA 1 10-10 0.5 138.1 1.63x10-4 

SA 2 10-10 0.5 138.1 1.50x10-4 

SA 3 10-10 0.5 138.1 1.48x10-4 

SA 4 10-10 0.5 138.1 1.36x10-4 
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All four surface areas were found to have very similar performance in the short term flux step tests 

(Figure 5.11).  Initially up to SMF/nAMF = 50, equivalent to JNT = 30 lmh, all four track very 

closely to the baseline curve representing the typical performance under controlled conditions, and 

this follows the control test for System D (Figure 5.3).  However, as SMF/nAMF > 50, all four 

surface areas show reduced performance compared to the baseline.  SA 4 has the best performance, 

just exceeding SMF/nAMF = 70 at a FTR > 10 before exceeding the maximum allowable TMP of 

55 kPa.  SA 2 has the worst performance, just exceeding SMF/nAMF = 60, however TMP was 

only 44 kPa when the test was stopped.  If the tests had been allowed to run until maximum TMP 

was reached on all four individual surface areas, it is likely that SA 1 and SA 2 would have 

exceeded SMF/nAMF = 70 as well.  These results show the limitation of testing in this special 

cassette configuration and it is recommended that future tests be run with four individual cassettes.  

Visual inspection of the modules (Figure 5.12) shows that while SA 4 appears to have the best 

performance during the short term tests it comes at the cost of higher accumulation of solids in the 

modules compared to SA 1 and SA 2.  This finding was supported in the longer term tests which 

ultimately concluded SA 2 was the preferred design if surface area was to be increased over the 

normal module design SA 1. 
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Figure 5-11: Impact of Surface Area on Performance 

 

 

Figure 5-12: Visual Inspection of Modules after Short Term Tests for Surface Area 
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5.3.4 Impact of Module Design  

There are many different hollow fibre membrane designs available in the MBR market today.  

Most follow the same basic design with the fibres arranged in a vertical orientation potted into two 

plastic headpieces that may or may not collect permeate (Judd, 2011).  The modules used in this 

study are designed to collect permeate from both ends with aeration introduced between the bottom 

module headpieces.  Air bubbles rise along the outside of the module fibre bundle but do not often 

penetrate through it (Fulton et al., 2011).  Further shear study tests by Fulton et al. (2011) have 

noted that the spacing between modules tends to drive most of the aeration to the outermost areas 

of the cassette.  In an effort to understand the impact of altering the basic module design to improve 

air penetration to the fibre bundle and therefore performance, a two-part series of tests was 

conducted using Systems B and C.  The first series of tests using System C compared the normal 

module design versus two alternative designs where permeate was only collected from the top 

header (5.4.3.1).  The second series of tests using System B compared the normal module design 

against two module designs with smaller fibre bundles that could permeate from both headers 

(5.4.3.2).      

 

5.3.4.1 Impact of Altering Module Header Design 

The basic module design SA 1 described in Tables 5.4 and 5.5 was run against two alternative 

designs to compare the performance when permeate flow is restricted and when air penetration is 

improved.  First the module bottom header was plugged so that permeate could only be collected 

from the top header.  This was done to provide a baseline of single end permeation before the 

second test when the bottom header was opened to improve air penetration.  It was not possible in 

these first tests to continue to permeate from the bottom module header while opening it up.  Figure 

5.13 shows the open bottom header concept and the actual modules used for the test. 
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Figure 5-13: Open Bottom Header Concept for Improved Air Penetration 

 

 

Figure 5-14: Module Design Impact with 10-10 Aeration 
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The first series of test was conducted at 10-10 aeration frequency, resulting in the same AMF for 

all three module configurations.  As observed in Figure 5.14, up to a SMF/AMF = 90 all three 

configurations performed very similarly with FTR < 2.0 except for the two header run with FTR = 

2.1.  In the case of the two header design, TTF was a little higher than for the other two designs 

during testing (98 vs. below 70), so this may be why the two header design had a slightly higher 

fouling rate.  As SMF/AMF continued to rise, the two header design increased in fouling rate up 

to FTR = 9.4 at SMF/AMF = 99.3, equivalent to JNT = 55 lmh.  Maximum TMP of 55 kPa was 

reached at this point.  Interestingly, the one header plugged design did not show as high a fouling 

rate but reached maximum TMP at SMF/AMF = 104 and FTR < 4.0.  This may suggest that for this 

module chemistry there is no detrimental impact to permeating from one end only during 10-10 

aeration.  The open bottom header concept out-performed the other two module designs, achieving 

SMF/AMF = 120, equivalent to JNT = 77 lmh, at a fouling rate of FTR < 2.9 before maximum TMP 

of 55 kPa was reached.  This suggests that improving air penetration to the fibre bundle is 

beneficial even when permeate flow is restricted to one header. 

 

A second round of flux step tests were run at 10-30 aeration frequency to see what impact, if any, 

the lower aeration had on the outcome of the results (Figure 5.15).  The AMF was normalized 

against the 10-10 aeration value to allow for direct comparison of results.  Interestingly at the lower 

aeration frequency the one header plugged design now proved to have slightly worse performance 

with SMF/nAMF = 89 and FTR = 6.6 at maximum TMP versus SMF/nAMF = 96 and FTR = 12.0 

for the two header design.  This suggests the two header design still has an overall advantage as it 

performs more stably for both aeration frequencies.   The open bottom header concept once again 

performed the best with a SMF/nAMF = 143 at FTR = 3.90 achieved before maximum TMP was 

reached.  This clearly demonstrates that there is value in modifying the module design to allow for 

better air penetration to the fibre bundle. 
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Figure 5-15: Module Design Impact with 10-30 Aeration 

 

5.3.4.2 Impact of Altering Size of Module Header to Improve Air Penetration 

Based on the findings from the previous section, a new series of tests were designed to explore the 

impact of reducing the fibre bundle size to allow for better air penetration and distribution across 

the modules.  Additionally, the findings that long-term SA 2 performed just as well as SA 1 with 

membrane Chemistry B were also applied.  Table 5.6 summarizes the three module designs that 

were tested in System B, the pilot scale system, against one another.  The pilot scale system was 

used due to the fact that the modules had to be potted by hand and only a limited number could be 

produced.  Fibre was still supplied by the manufacture in sheets for easy assembly.  AMF was 

normalized against the base module RM that used the same air flow rate as SA 2 in Table 5.5. 
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Table 5-6: Module Design for Alternative Header Size Tests 

Identifier Chemistry 

Type 

Surface 

Area 

m2 

Number 

of Sheets 

Number of 

Modules Per 

Cassette 

RM B 32.87 12 3 

AM 1 B 21.91 8 3 

AM 2 B 10.96 4 6 

   

 

Figure 5-16: Impact of Alternative Module Header Size 

 

As illustrated in Figure 5.16, all three module designs had similar performance below SMF/nAMF 

= 80, equivalent to JNT = 40 lmh.  As the solid mass flux was increased further, AM 1 experienced 

a more rapid rise in fouling than RM but both ended up at SMF/nAMF = 111, with FTR = 7.0 and 

8.3 respectively.  It is likely that AM 1 did not show any improved performance over RM due to 

the fact that packing density in the pilot tank could not be optimized for this module and air 
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penetration was not as effective as with RM and AM 2.  AM 2 out-performed both RM and AM 1 

under 10-10 aeration frequency, achieving SMF/nAMF = 119 at FTR = 3.6 before the test was 

stopped.  Unfortunately, the tests could not be run to maximum TMP due to a flow limitation of 

the permeate pump and the TMP never exceeded 30 kPa. 

 

The best performance was observed when 10-30 aeration frequency was applied for both RM and 

AM 2 module design, which is counter intuitive to early results (5.3.2).  For AM 2 a SMF/nAMF 

= 149 at FTR = 1.5 was reached, which is equivalent to JNT = 77 lmh.  It is possible that opening up 

the bottom header to improve air penetration allowed for better shear that could remove solids 

more readily from the surface of the membrane.  During the “off” periods for 10-30 aeration the 

altered hydraulics may have allowed for these ablated solids to flow out of the fibre bundle even 

while permeation continued.  It is clear that modifying the size of the module fibre bundle resulted 

in increased performance when the pilot space was optimized.  Further study of this alternative 

module design is suggested in a full-scale system.   

 

5.4 Conclusions: 

This paper examined the impact key module operational and design characteristics have on overall 

membrane performance.  It was shown that the novel solid mass flux (SMF) divided by air mass 

flux (AMF) approach is a useful tool for comparing results and that normalization of the AMF to 

a baseline value is necessary.  A comparison of increasing packing density by reducing the spacing 

between modules found that there is a limit above which performance is reduced due to poor air 

penetration.  Increasing the surface area of the module did not negatively impact the performance 

provided that effective air penetration into the module fiber bundle was maintained.  These 

findings resulted in the development of a new module design with small fibre bundles capable of 

permeating from both ends.  Operation of this new module design concept in a full-scale module 

pilot system demonstrated that the smallest module with four fibre sheets had the best overall 

performance, due directly to the improved air penetration.  Further it was possible to achieve fluxes 

above 60 lmh without significant fouling while aeration frequency was reduced.  It is 
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recommended that further testing should be conducted on the newer smaller fibre bundle module 

design to see if the improved performance observed here holds at full-scale plant application.  
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6 A MODEL FOR THE ANALYSIS OF THE INFLUENCE MEMBRANE PRODUCT 

DESIGN HAS ON MEMBRANE BIOREACTORS LIFECYCLE COSTS 

 

J. Pawloski and H. Zhou 

 

An Excel® based model capable of predicting capital, construction, operational and lifecycle costs 

for membrane bioreactor systems has been developed and an overview of the development is 

presented.  The model has been found to be a useful tool in predicting these costs for up to six 

different membrane products simultaneously. The impact of varying membrane design and 

operational parameters on lifecycle costs is explored using three similar membrane products.  

Included in the analysis are the impacts of operational temperature, flux, module surface area, and 

membrane aeration rate over a wide range of plant flow capacities.  Results show that product 

properties and operational parameters can have a larger than expected impact on the capital, 

construction and lifecycle costs of a system.   

 

6.1 Introduction: 

Over the last decade, the majority of studies in the field of membrane bioreactor (MBR) research 

have been focused on membrane design, fouling control, sludge properties, microbiological 

characteristics and system modeling.  Only a select few studies to-date have made an effort to 

evaluate the impact their research findings might have on the lifecycle costs (LCC) of a system, 

thus ignoring one of the driving factors (beyond achieving a better fundamental understanding) to 

do the research in the first place.  That is, the global adoption of MBR treatment technology as a 

viable alternative to conventional wastewater treatment technology is based on competitive pricing 

just as much as it is based on superior effluent quality.  With MBR plants now capable of treating 

the huge volumes of wastewater that conventional plants treat, the total lifecycle costs of the 

systems are increasingly important in evaluating new operational approaches and membrane 

designs.     



144 

 

For membrane bioreactors to be as cost effective as conventional technology, the capital and 

lifecycle costs must be comparable between the two.  Great strides have been made in the reduction 

of the capital cost of an MBR however the need to use aeration and chemicals to control fouling 

continues to have an impact on the operation costs of these systems (Verrecht et al. 2010).  

Chemical consumption is typically the smallest contributor to the overall system cost however 

power consumption represents a significant portion of the total, regardless of type of membrane 

product applied (Figure 6.1).  Membrane aeration, process aeration, and recirculation pumps are 

the three components in the MBR specific portion of a plant (excluding headworks and digesters) 

that contribute the most to the power costs.  Combined the three can represent the majority of the 

power consumed by an MBR, as illustrated in Figure 6.2 by the 91% power consumption required 

by the three.  While much of the membrane bioreactor research done has focused on performance 

improvements through fouling control (Santos et al. 2011), this same research has not adequately 

addressed power costs and by extension lifecycle costs.  Strategies that can help reduce fouling at 

the cost of significantly raising the energy consumption may not be worth implementing.  

Conversely, strategies that reduce the aeration rate via a module design change but have a negative 

impact on performance also may be of little value to pursue.  The ideal flux for optimizing lifecycle 

cost may be different than the ideal flux for optimizing fouling control.  And increases in flux or 

membrane surface area to reduce the capital cost of the system may come at the cost of increases 

in power consumption. 

    

Figure 6-1: Typical Lifecycle Cost Breakdown of Large MBR Plant 
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Figure 6-2: Typical Power Consumption of Large MBR Plant 

 

Thus, the impact on lifecycle cost of a new approach suggested by a study, as well as any other 

changes to process as a result of these strategies, must be considered.  Those few academic studies 

that do attempt to examine cost are often limited by a lack of access to data.  Conversely, industry 

driven studies that develop comprehensive costing models using Excel®, Biowin® or other 

analysis tools are focused on the overall system design and the impact changes to the biological or 

process parameters can have on total capital and operational plant cost (Young et al. 2012).  

Therefore, in order to address this gap in research, a comprehensive predictive costing model for 

MBR systems with a focus on product design has been developed and is presented here.   

 

6.2 Model Development 

In product and process development it is routinely necessary to weight several potential options 

and decide on the best path forward for the next stage of research.  These options often represent 

variations on a theme with only minor differences between each, and the total impact of selecting 

one over another is not always apparent in early design stages.  Manipulating existing MBR costing 

tools to compare proposed research paths can be both complicated and time-consuming. The model 

presented here was developed out of the need to be able to compare several alternative designs 

using a quick and reasonable “apples-to-apples” approach.  For example, if there are three different 

surface areas under consideration with one of the three also allowing a 10% increase in flux, the 
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comparison needs to take into account both the direct capital cost impact of changing surface areas 

and the extra benefit to lifecycle of the flux increase on the third option.  If the 10% flux increase 

came at the cost of 10% increase in aeration rate, then lifecycle analysis is even more significant.   

 

Development of this Excel® based model was accomplished in several steps over a three year 

period, with each successive generation of the model adding more layers of complexity.  

Documenting the entire development process is not the intention of this paper, instead presented 

here are the highlights of the three development stages process and some key issues encountered.   

 

6.2.1 Phase One:  

During the initial phase of the Excel® based model development, for simplicity, the program 

allowed for a very limited range of user inputs.  Project capacity could be anything between 5 and 

100 MGD, but flux was limited to pre-selected options based on operating data.  The model was 

populated with data from existing costing information, and when a capacity and flux was selected, 

a simple interpolation was performed to determine capital and operating costs.  Construction costs 

were not part of the earliest model but were added in the second phase.  The product parameters 

such as membrane area, aeration rate, etc. were also fixed, limiting the usefulness of the tool in 

comparing these parameters.  After performing a number of calibrations on the model using real 

world data, it was found that the model was reasonably accurate (± 5%) if the modelled system 

was very close in design to a comparable real world system.  However, if the real world system 

was slightly different, for example if the flux was adjusted for operation at a different temperature 

(the model assumed 15°C), the accuracy was significantly reduced (± 25%).  Adding in additional 

flux values and system size data improved the accuracy by a few percentage points, but the model 

was still insufficient for true product comparisons.  Having the model able to look-up any flow 

and flux combination, and allowing temperature to influence the flux, became key requirements 

for the second phase of the development.             
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6.2.2 Phase Two: 

The next generation of the model introduced more flexibility for the user.  The issue of limited 

flux options was overcome by introducing calculations for the average flow rate equivalent, 

hydraulic design flow equivalent, a selection of five (AvgDayFlow, MaxWeekFlow, 

MaxMonthFlow, MaxDayFlow or PeakHourFlow) design flows for flux determination and 

multiple temperature flux tables.  The user could now select a temperature and a design flow (i.e. 

15°C and MDF) to determine which flux was selected for the membranes in order to design the 

system.  In addition, the user could specify a specific percentage increase/decrease for the flux 

over that which was determined from the flux tables.  Accuracy was improved by these changes 

such that the model could predict within (± 5%) of the real world data.   

 

However, a new issue was identified during phase two development and that was the limitation of 

product property options and the fact that the type of membrane product selected could bias the 

results.  Wrap-around costs such as equipment and construction were static while the number of 

modules and cassettes for a specific flow could change depending on the flux.  In order to 

overcome this issue, predictive functionality was added to the model to allow it to select how many 

trains, the number of cassettes per train (construction size), and the equipment required (size and 

capacity) for each product option individually.  The ability of the model to determine power 

consumption was also improved during this phase by adding user inputs for site conditions and 

motor and pump/blower efficiency tables.  For each product option, the model could determine 

how the power demands changed, and calculate the power consumption for key consumers 

(permeate pumps, membrane blowers, RAS pumps) as well as miscellaneous equipment associated 

with the membrane tanks (air compressors, instruments, etc.).  The process blower and anoxic 

mixer power consumption was not included in the model as it requires a biological design to 

calculate flow rate and size.  The construction costs associated with the biological tanks was also 

excluded.  Integration of biological design data is left for a future upgrade to the model. 

 

6.2.3 Phase Three:    

The final phase of the model development focused on creating additional flexibility by allowing a 

wider combination of user inputs.  The current version of the model uses capital, operational and 
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construction costs from industry sources, and is capable of predicting both the actual cost ($) and 

lifecycle cost in $/m3/d water treated.  The North American industry standard net present value 

lifecycle approach is used by the model for the analysis.   

Present Worth Factor  

(P/A) = 
(1+%𝐼)𝑌−1

𝐼%(1+𝐼%)𝑌         (6.1) 

%I = Interest Rate (standard 6%) 

Y = Evaluation Period in Years (standard 20 years) 

 

Net Present Worth Cost = Annual Operational Cost x P/A    (6.2) 

 

The model allows input (Figure 6.3) of a wide range of system flows from 1 MGD to 100 MGD 

(4 to 380 MLD) average daily flow and mixed liquor temperatures (5 to 30°C).  Membrane specific 

factors including flux, packing density and aeration rate can be modified to determine the effect 

each has on the lifecycle cost for up to six different products at once.  Other factors, such as system 

design, equipment prices, construction costs, and membrane life can be adjusted to suit a specific 

membrane product.  Energy costs for key membrane system components (membrane blowers, 

permeate/process pumps, recirculation pumps, etc.) are based on vendor quoted efficiencies and 

an electricity cost of $0.1/kWh (which can be modified).  Items required for the lifecycle 

calculation such as membrane replacement and chemical costs are based on municipal competitive 

bid data routinely published by city councils.  Labor costs can be entered by the user or taken from 

a pre-set table and are based on the capacity and design of the system.  The model then runs the 

analysis and outputs the results (Figure 6.4) providing a detailed breakdown of capital, 

construction, annual operating and overall lifecycle costs.  The number of products, up to six at 

once, that the model is analyzing can be turned on or off, but at minimum one product must be 

selected. 
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Figure 6-3: Input Page for Current Model 
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Figure 6-4: Output Page for Current Model1 

1 Partial view of the output page only, as full page is too large to show easily. 

 

As a final step the model was again calibrated by in-putting municipal project design data and 

comparing the output to the actual capital and lifecycle costs of the projects.  In all cases the model 

was accurate in predicting the cost per 1000 liters of water treated within ±$0.05 of the actual cost 

based on the final selected system design.  While not all of the possible costs of building and 

operating an MBR wastewater treatment system can be included in the model, those factors that 

can be influenced by the membrane selected and predicted by current design practices have been 

incorporated.  The result is an Excel® based model which can predict the cost trends for various 

design and operational strategies suggested by fundamental research and product development.  

Table 6.1 summarizes the module input variables of specific interest to MBR membrane product 

researchers.   
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Table 6-1: Key Model Variables 

Product Variables Operation Variables Costing Variables 

Surface Area Flux Cost of Products 

Number of Modules/Cassette Flow Rate Construction Component Costs 

Dimension of Module Peaking Factor Wrap-around Costs 

Dimension of Cassette Design Temperature Labour Costs 

Membrane Life Aeration Frequency Applied Selling Price (optional) 

 Aeration Rate  

 

One final comment - it should be noted that the model works with imperial units but that for the 

purposes of this paper, metric units are presented. 

 

6.3 Materials and Methods 

For the purposes of this paper, rather than using real membrane products from GE, EVOQUA, 

Kubota or others, three imaginary membrane products identical in module dimensions and 

performance have been applied (Table 6.2).  The only variables are the surface area and cost, with 

each module costing $2.5/ft2 ($26.9/m2) for simplicity.  All three products are assumed to fit in the 

same size cassette which holds 50 modules and costs $10,000 in each case.  Membrane life is the 

industry standard of 10 years, and the cost to replace a module is the same as the initial cost to 

purchase it. 

 

Values used in the model for this analysis, for example the peaking factor, are based on a review 

of the trends in North American municipal MBR bids from 2003 to the present.  The selection of 

the default values used in model input page (Figure 6.3) for the analysis presented in this paper are 

based on the most recent averages obtained by the author from the membrane supplier and are 

confidential.  The model labour look-up tables were used instead of the user-entered values of the 

input page.  Of note is the selection of the scope of equipment supply variable (Table 6.3), which 
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has been an average scope of 5 for smaller projects (< 30 MLD) and 2 for larger projects (> 75 

MLD) in North America in the last decade.  For the sake of this analysis, a scope of 3 has been 

selected for all flow ranges to simplify the comparison and no optional equipment has been 

included.    

 

Table 6-2: Imaginary Hollow Fibre Products Used in this Paper 

Properties Product 1 Product 2 Product 3 

Surface Area 350 ft2 (32.5 m2) 375 ft2 (34.8 m2) 400 ft2 (37.2 m2) 

Module Cost $875 $938 $1000 

# Modules/ Cassette 50 50 50 

Cassette Cost $10,000 $10,000 $10,000 

Replacement Cost $875 $938 $1000 

Product Life 10 years 10 years 10 years 

 

In all examples in this paper the lifecycle cost (LCC) is calculated and presented.  In order to 

calculate the lifecycle cost, the capital and operational costs are determined first by the model.  

The operational (power, chemical, and membrane replacement) costs are adjusted to show the total 

cost over 20 years, in terms of net present value (Equations 1 and 2).  Capital costs are not adjusted 

since the assumption is the entire capital cost expenditure is made in year one during construction 

of the MBR. The equivalent lifecycle cost per m3/d of treated water is calculated using equation 

6.3.  Figure 6.5 shows the model output page lifecycle summary section. 
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Table 6-3: Model Equipment Scope Definition 

Scope 1 2 3 4 5 6 

Membranes Incld.1 Incld. Incld. Incld. Incld. Incld. 

PLC/SCADA and Code Incld. Incld. Incld. Incld. Incld. Incld. 

Membrane Tank Equipment  Incld. Incld. Incld. Incld. Incld. 

Permeate Equipment  Incld. Incld. Incld. Incld. Incld. 

Effluent Quality Monitoring  Incld. Incld. Incld. Incld. Incld. 

Air Compressor  Incld. Incld. Incld. Incld. Incld. 

Membrane Blowers   Incld. Incld. Incld. Incld. 

RAS Equipment    Incld. Incld. Incld. 

Process Blowers     Incld. Incld. 

Anoxic Tank Equipment      Incld. 

Fine Screens Opt.2 Opt. Opt. Opt. Opt. Opt. 

Misc. Equipment Opt. Opt. Opt. Opt. Opt. Opt. 

    1 Included 2 Optional 

 

LCC $/m3/d = 
CAPEX+OPEX

ADFMGD
        (6.3) 

 

CAPEX = Total capital costs 

OPEX = Total operational costs (power, chemicals, etc.) adjusted for net present value 

ADFMGD = Total average daily plant flow in millions of gallons per day (model works 

in imperial units) 
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Figure 6-5: Model Output Page Lifecycle Summary Section 

 

Construction costs are not included in the LCC values reported in this paper for simplicity however 

for highlighting certain aspects of the impact of the factors discussed, the construction costs may 

be mentioned.  In general, analysis of lifecycle costs must take into account what material and 

labour rates are applied, since values for construction can widely vary across the globe.  In order 

to run the model and generate the values presented here, construction costs reflective of the typical 

values for the Northeast US states have been applied.   

 

Finally, the size of the systems under consideration has been restricted to four flow capacities – 

10, 25, 50 and 100 MLD.  This allows for easy comparison between the different key parameters 

as well as gives an idea of the impact of these parameters on systems of increasing size.  While 

most early MBR projects in North America were under 10 MLD in size, many today are above 50 

MLD in capacity.  The largest operating MBR plant, Brightwater just outside Seattle, is 170 MLD 

and the largest planned MBR in the world is the Henriksdal in Stockholm Sweden with an average 

daily flow capacity of 864 MLD. 

 

6.4 Results and Discussion: 

To demonstrate the lifecycle model five commonly studied parameters have been selected for 

analysis of the impact each can have on lifecycle: flux, mixed liquor temperature, membrane 

aeration rate and frequency, peaking factor, and module surface area.  Santos et al. (2011) reported 
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that these parameters represent a combined 64% of the most common topics researched in the last 

two decades.  Flux and membrane aeration rate in particular have influenced a number of areas of 

research including membrane fouling, membrane cleaning, over/under design of systems, and 

energy consumption (Santos et al. 2011).  The impact that the five parameters each have on total 

lifecycle costs are presented.  In addition, several examples of the impact of combining parameters 

(i.e. increasing surface area and aeration rate together) are also presented. 

 

6.4.1 Impact of Flux 

A common goal of fouling research by both academics and membrane companies is the increase 

of the sustainable flux of a membrane.  The selection and control of the operational flux can have 

a direct impact on the amount of fouling a membrane experiences (Santos et al. 2011).  Since an 

MBR is economical only if it delivers reasonable flux rates without significant fouling, a 

sustainable flux that results in a slow rise in TMP recoverable by physical cleaning only is the 

general target in industry (Verrecht et al. 2010).  However economic pressures to maximize the 

amount of water produced per area of membrane installed contradicts this design direction (Fane 

et al. 2002; Verrecth et al. 2010).  The impact of flux on fouling and therefore TMP has been well 

documented elsewhere (Le-Clech et al. 2006), but the impact of a change in flux on lifecycle cost 

has not been. 

 

For study of the impact of flux on lifecycle cost, the model parameters were set to the baseline 

inputs (Table 6.4) and applied to Product 1.  Selected flux is determined by the mixed liquor 

temperature, in this case set to 15°C, and flux tables established from the municipal bid data used 

to correlate the model.  The model does not take into account the mixed liquor suspended solids 

(MLSS) to calculate a solid mass flux for flux adjustment, rather it is assumed that the MLSS is a 

normal 10-12 g/L in the membrane tank for simplicity.  Flux can then be adjusted by applying a 

multiplying factor to allow for comparison of the impact of higher/lower fluxes versus the baseline 

without adjusting the model flux tables. 
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Table 6-4: Model Baseline 

Model Input Set Value 

Temperature 15°C 

Critical Design Flow Average Daily Flow 

Peaking Factor 2x 

System Configuration Pump From 

Aeration Type Intermittent 

 

Consider four system sizes (10, 25, 50 and 100 ADF MLD) using Product 1 membranes operating 

at the conditions shown in Table 6.4.  At 15°C, the suggested design flux is 23 LMH from the 

theoretical membrane supplier.  If, however, pilot data suggested reducing the flux by 10% to 

minimize fouling, capital cost would increase by 10% due to an increased number of membranes 

required to treat the same flow (Table 6.5).  Conversely, if the research data suggested increasing 

the flux by 10% or 15% would not have an impact on membrane fouling, savings on capital cost 

could be up to 12%, depending on the size of the system.  As membrane systems increase in size, 

the savings associated with reducing the total number of membranes increases. 

 

Table 6-5: Impact on Capital Cost 

% Capital Cost Change over Baseline 

MLD 10% Decrease 10% Increase 15% Increase 

10 10% -4% -4% 

25 9% -7% -11% 

50 10% -7% -11% 

100 10% -9% -12% 

 

Lifecycle cost (LCC) is also impacted by adjusting the design flux, with operation energy and 

chemical cleaning costs increasing or decreasing as the flux is varied from the baseline.  In general, 

the higher the design flux is, the lower the number of membranes required, and therefore in theory 

the lower the associated operational costs.  Figure 6.6 illustrates the overall impact on the lifecycle 

cost of the different sized plants as design flux is altered when average daily flow (ADF) is the 
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design point.  As the flux is increased, the total LCC for a 10 MLD plant drops from $982/m3/d 

cost to $792/m3/d, a savings of nearly 20%.  At the same time the percent of the total lifecycle cost 

represented by the capital costs required to purchase the MBR equipment increases with flux 

improvement, going from 60% for a 10 MLD plant to 71%.  Similar changes in both LCC and % 

capital cost are observed in the other sized plants.  The savings are even more pronounced if the 

design point flux is based on the maximum daily flow (MDF), which is the highest flowrate 

required to be sustained for 24 hours.  In this case, the number of cassettes and production trains 

required drops as the flow rate increases from 10 MLD to 25 MLD, so where at ADF the change 

in total LCC was only $165/m3/d between the two flow sizes, at MDF this increases to $310/m3/d.  

The impact of using MDF as the design point is also noticeable on the percentage capital cost 

represents of the total lifecycle cost as the system size increases.  While the 10 MLD sized plant 

still shows the pattern of capital cost representing an increasing percentage of the total lifecycle as 

flux increases observed in Figure 6.6, all other system sizes have the percentage capital cost jump 

once than remain unchanged.  For a 100 MLD plant the capital cost remains at 63% of the total 

lifecycle cost for an increase of 10% or 15% flux, since the total number of trains required to treat 

the flow are not impacted by the flux increase.  Total lifecycle costs for the 100 MLD plant are 

only changed by $16/m3/d with the flux increase to 15% from 10%, suggesting that when MDF is 

the design point, larger jumps in flux are required to have a significant impact on overall lifecycle 

cost.  

 

While not included in the lifecycle costs in Figures 6.6 and 6.7, changing the design flux for a 

system can also have an impact on the associated construction and installation costs.  A drop in 

flux by 10% results in a rise in construction and installation costs associated with the MBR system 

by 6-12%.  In the case of the 25 MLD plant the membrane tanks become longer as one additional 

cassette is required per train, leading to an additional $9/m3/d in costs.  However, in the case of 

increasing the flux by 15% there is no drop in the number of cassettes per train, so the construction 

costs are reduced by only $1.6/m3/d. 
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On the surface the suggested improvements with increased flux appears beneficial, however if the 

predicted improvements are incorrect, the energy and cleaning costs could increase due to 

increased membrane fouling.  This is especially true if an increase in flux comes with the penalty 

of an increase in the required membrane aeration energy, which is explored later in this paper.  

Any benefit from a flux increase could be lost due to the overall negative impact on the cost of the 

system.  In the worst case new membranes might be required to replace the poor performing ones 

at considerable cost to the end user.    

 

 

Figure 6-6: Impact of Flux Changes on Total LCC with ADF Design Point 
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Figure 6-7: Impact of Flux Changes on Total LCC with MDF Design Point 

 

Understanding the impact the adjustment of flux can have on capital and lifecycle costs is therefore 

just as important as understanding the impact the changes have on membrane fouling.  Researchers 

proposing new operational methods that show promise for increasing the sustainable membrane 

flux must take the eventual application costs into account.  Membrane fluxes should always be 

demonstrated at full-scale operation.  If unproven fluxes are used, the end-user may be left with 

higher membrane cleaning and power costs, or the inability to meet the designed capacity.  It is 

therefore important for those designing membrane bioreactors to take into account the impact flux 

changes can have on all of the associated system costs both immediate and long-term. 

 

6.4.2 Impact of Temperature 

It is a well understood concept that mixed liquor temperature has a direct impact on the 

performance of the membranes.  Filterability of the mixed liquor can be impacted by the 

temperature and lead to membrane fouling (Le-Clech et al. 2006).  Water viscosity is also impacted 

by the temperature with the instantaneous flux (ji) requiring a correction factor: 
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If T < 20°C 
  T

iCi jj  20

*20 033.1
       (5.4) 

If T ≥ 20°C 
  T

iCi jj  20

*20 025.1
       (5.5) 

 

Thus if the minimum temperature selected for a system is too low (or too high) compared to where 

the system will actually function, the total lifecycle cost of the system can be impacted in a number 

of ways.  Again let us consider four system sizes (10, 25, 50 and 100 MLD) using Product 1 

membranes and the model parameters in Table 6.4, but this time varying the design temperature.  

As the design minimum temperature rises the system capital cost falls as a result of the increase in 

flux and decrease in number of membrane modules required per train (Figure 6.8).   

 

 
Figure 6-8: Impact of Temperature on Capital Costs at ADF Design 

 

In the case of the 10 MLD ADF system there is a $154/m3/d drop in capital cost between 10 and 

25°C; in the 50 MLD ADF system a $133/m3/d drop between 10 and 25°C (above 25°C solid mass 

flux, the amount of solids drawn to the membrane, begins to limit the maximum membrane flux).  

While a plant would likely not be designed with a 10°C minimum temperature when 25°C should 

have been used instead, it is not unreasonable to imagine a scenario with a smaller temperature 
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delta.  For example, consider the case of a new 25 MLD ADF membrane bioreactor system 

designed by the consultant with a minimum temperature of 12°C even though the lowest recorded 

temperature at the conventional lagoon treatment plant the MBR would be replacing is 17°C.  At 

12°C the plant requires 3411 modules of Product 1 and has a capital cost of $506/m3/d.  If the 

minimum temperature is raised by the consultant to 17°C, the number of modules required drops 

to 3060 and the capital cost reduces to $465/m3/d.  The construction and total lifecycle costs are 

similarly impacted by selection of a more appropriate minimum temperature (Table 6.6).              

 

Table 6-6: 25 MLD ADF Temperature Impact 

Cost ($/m3/d) 12°C 17°C % Savings 

Capital $  505.54 $  464.58 8% 

Construction and Installation $  156.50 $  144.72 8% 

Lifecycle Cost $  870.15 $  794.85 9% 

 

As illustrated by the case above, it is important when designing a membrane bioreactor system to 

consider the impact the minimum temperature can have on the associated system costs.  Figure 6.9 

illustrates the impact the minimum temperature can have on the total lifecycle costs.  The total 

lifecycle cost savings between 10°C and 25°C can be 23% to 26% (10 and 100 MLD respectively).  

In a 50 MLD ADF system, this difference between 10 and 15°C equates to a construction cost 

savings of $29/m3/d and a capital cost savings of $86/m3/d.  Thus an end-user could be saving 

$115/m3/d in upfront costs by better understanding what their expected minimum mixed liquor 

temperature will be, not to mention an additional $45/m3/d in operation costs over a 20 year period.  
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Figure 6-9: Impact of Temperature on Total Lifecycle Costs Associated with MBR System 

 

6.4.3 Impact of Membrane Aeration 

The aeration that is used to control membrane fouling represents 40% of the energy consumption 

in a typical MBR (Figure 6.2) and as such has been the subject of a large volume of research over 

the years (Cui et al, 2003; Santos et al, 2011).  Many different approaches have been applied to 

improve the effectiveness of membrane aeration while reducing the amount of energy required.  

Some of the methods of improvement have included introducing intermittent aeration, alternative 

bubble size and alternative flow paths through the modules.  Since the focus of membrane aeration 

research is almost always on improving performance while reducing energy costs, many 

researchers do take the operating costs into account.  However, as noted by Verrecht et al. (2010) 

not all researchers consider the related capital costs associated with membrane aeration changes.  

In their cost model, which focused on the biological design and its influences on the MBR costs, 

they noted that the selected membrane aeration rate resulted in a 54% increase in energy at the 

maximum flow rate of the plant.  Their proposed solution was to adjust the membrane aeration 

based on flow rate into the plant, also known as flow pacing.  But this solution resulted in an 

unexpected increase in the predicted capital costs of the system due to changes in the blower 

design.  Understanding how membrane aeration relates to both capital and lifecycle costs is thus 

an important factor in membrane aeration research.  In this section four different types of 

membrane aeration common in the market today are considered.  Table 6.4 applies for the model 
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inputs while Table 6.7 summarizes the aeration types, which are based on averaged values 

published by the industry.  

 

Table 6-7: Aeration Inputs Used in Model 

Parameter Intermittent Intermittent 

Flow Paced 

Constant Pulsing 

Frequency On/Off On/Off Always On Random Air Release 

Control Method Valve Cycling Valve and 

Blower Cycling 

n/a Gyser Pump Based 

Design 

Flow Rate (m3/h) 20 10 20 3 

# Membrane Suppliers 

that Use Method 

21 <15 >30 42 

1 Only GE and Koch-Puron have published data showing the use of Intermittent Aeration but others may apply it 

and simply not make mention of it. 
2Four suppliers: GE, Koch-Puron, EVOQUA and Asahi are known to have developed a pulsing aeration device but 

several others in the Asian MBR market claim to have similar devices as well. 

   

 

Figure 6-10: Impact of Aeration Method on Total Lifecycle Costs with ADF Design Point 
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The four different types of aeration scenarios were run for Product 1 at both ADF and MDF design 

points.  Total capital cost was not impacted by altering the aeration methods as the blower size 

change was negligible over the four scenarios.  Table 6.8 summarizes the capital costs for both 

ADF and MDF design points.  As observed in previous scenarios the capital cost per m3/d 

decreases as capacity increases due to the optimization of the equipment sizing.  While a 10 MLD 

plant costs $584/m3/d, a 100 MLD plant drops to $399/m3/d at ADF design conditions.  An 

additional capital cost savings occurs when the design flow is based on the maximum daily flow 

(MDF), since the membranes are allowed to operate at elevated fluxes for the short high flow 

scenario and the total number of membranes required is reduced, further improving equipment 

sizing optimization.  Instead of the $185/m3/d improvement observed at ADF going from 10 MLD 

to 100 MLD in plant size, at MDF conditions the savings increases to $205/m3/d. 

 

Table 6-8: Capital Costs for Four Capacities 

Capacity 

(MLD) 

ADF Design 

($/m3/d) 

MDF Design 

($/m3/d) 

10 $584 $476 

25 $485 $338 

50 $433 $296 

100 $399 $271 

 

In terms of total lifecycle costs, since the capital cost does not change with aeration method, it is 

only the change in the operating costs that lead to the observed variation in Figures 6.10 and 6.11.  

Comparing the different aeration methods against the model baseline intermittent aeration, it is 

clear that at ADF design flow, the relationship holds steady regardless of plant capacity.  At all 

four capacities, the intermittent flow paced is 12% savings over intermittent, while pulsing is 16% 

savings.  Constant aeration requires more energy than intermittent, and therefore results in a 22% 

increasing in costs over the baseline.  At MDF flow (Figure 6.11) this observed relationship no 

longer holds true.  A 25 MLD plant has no savings with intermittent flow paced aeration while a 

100 MLD plant has 12% savings.  This is due to the higher fluxes at MDF design causing more 
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variation in the number of membranes required, and therefore bigger changes in the blower sizing, 

depending on capacity of the plant. 

 

 

Figure 6-11: Impact of Aeration Method on Total Lifecycle Costs with MDF Design Point 

 

The annual operating costs, specifically the membrane blower energy required is the cost variable 

most impacted by altering the aeration method.  Table 6.9 highlights the impact of the aeration 

method on the lifecycle blower energy costs.  The model first calculates the annual operating 

blower energy requirement in kWh, then applies the cost of energy entered on the input page, in 

this case $0.1/kWh, and finally calculates the lifecycle cost for 20 years of operation.  For a 25 

MLD plan, the blower energy lifecycle cost would be $123/m3/d for intermittent aeration, dropping 

to $41/m3/d for pulsing aeration.  A similar savings of ~67% is observed for all flow capacities 

when pulsing aeration is applied.   
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Table 6-9: Impact of Aeration Method on Present Worth Blower Energy Costs 

Capacity 

(MLD) 

Intermittent Intermittent Flow 

Paced 

Constant Pulsing 

ADF MDF ADF MDF ADF MDF ADF MDF 

$/m3/d $/m3/d $/m3/d $/m3/d 

10 $123 $208 $62 $104 $245 $414 $41 $70 

25 $123 $186 $62 $93 $245 $372 $41 $62 

50 $117 $177 $58 $89 $234 $355 $39 $59 

100 $112 $167 $56 $84 $223 $334 $37 $56 

 

In all cases pulsing aeration is the most attractive option for energy savings while constant aeration, 

used most frequently by membrane suppliers, is the most energy intensive option.  If constant 

aeration was required to maintain a high flux for the membranes, the increased lifecycle costs due 

to the rise in blower energy consumption might nullify any savings gained elsewhere by using that 

high flux.  This is why it is important for researchers and membrane suppliers to understand the 

impact changes to one key operational parameter like flux can have on another key parameter like 

aeration, and the associated cost impacts.  

 

6.4.4 Impact of Peaking Factor 

The ability of membranes to operate at elevated fluxes for short durations is a critical component 

of MBR design, as wastewater plants are often subject to storm events that increase the flow rate 

into the system substantially.  Since all of the flow entering the wastewater plant must pass through 

the membranes for treatment, the membranes must be sized to handle this hydraulic peak flow.  

Additionally, MBR membranes are routinely cleaned in-situ, leading to one or more process trains 

being offline for several hours each week.  In order to address these two scenarios, membrane 

systems must be designed with a peaking factor; that is a multiplier on the flow that the system is 

required to treat for a specific duration of time.  The cost of a membrane bioreactor system is more 

sensitive to the impact of the peaking factor than a conventional activated sludge system, unless 

the MBR is designed with up-front equalization to smooth out the flow through the membranes 

(Young et al, 2012).  In the cost model presented here, the peaking factor has been set to 2x for 
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the baseline (Table 6.4).  It is also assumed by the model that the system can achieve the design 

flow while one train is offline for cleaning or some other reason.  The model calculates the peaking 

factor using equation 5.6. 

 

𝐷𝑒𝑠𝑖𝑔𝑛 𝐹𝑙𝑜𝑤 = (
𝑁

(𝑁−𝑅)
)

(𝐴𝐷𝐹∗𝑃𝐹)

𝑀𝑃𝑅
       (5.6) 

 

N = Number of Trains 

R = Redundancy, or Number of Trains Allowed Offline 

ADF = Average Daily Flow (Design) 

PF = Peaking Factor 

MPR = Membrane Peak Ratio: 

  ADF Design Point = 1.0 

  MDF Design Point = 1.5 

Using this equation and applying it to the four capacities under consideration results in a design 

flow for each system as shown in Table 6.10. 

 

Table 6-10: Peak Design Flow at Varying Conditions 

Average Daily Flow Capacity 

(MLD) 

ADF Design Point MRP = 1.0 

(MLD) 

MDF Design Point MRP = 1.5 

(MLD) 

10 26.8 26.4 

25 60.2 39.6 

50 114.7 75.6 

100 216.2 144.2 
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This design flow is what is used to determine the number of required membrane modules for the 

system.  If the peaking factor is varied, the number of membranes will be impacted and the costs 

of the system will change.  To explore this, the peaking factor was varied to be 1.5x and 3.0x and 

compared against the baseline 2x.  All other model settings from Table 6.4 still apply.  The impact 

varying the peaking factor has on the total lifecycle costs is illustrated in Figures 6.12 and 6.13. 

 

 

Figure 6-12: Impact of Peaking Factor on LCC at ADF Design Point 

 

As expected, increasing or decreasing the peaking factor required for the MBR system results in 

an increase (3x) or decrease (1.5x) of total lifecycle costs over the baseline.  At 25 MLD capacity, 

the number of membranes required for ADF conditions at 3x peaking factor is 4570, resulting in a 

21% increase in LCC over the baseline at 2x, which required 3199.  When the design point is 

changed to MDF, the number of membranes jumps form 2017 at 2x peaking factor to 3160 at 3x, 

resulting in a 59% increase in lifecycle costs.  Conversely if peaking factor is reduced to 1.5x, 

savings of 31% (ADF Design Point) and 18% (MDF Design Point) are observed at 25 MLD.  

Similar impacts to total lifecycle cost happen for the other flow capacities as well as peaking factor 

is modified.  Interestingly, at the baseline 2x peaking factor and MDF design point, it can be 

observed that the total lifecycle cost for a 50 MLD plant is lower ($464/m3/d) than the 100 MLD 

plant ($490/m3/d).  This is due to the fact that the membrane design for the 100 MLD plant is not 
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optimized at the specific flow conditions and settings of the baseline case.  If it was acceptable to 

decrease the peaking factor to 1.85 and run at a slightly higher flux instead, it would result in an 

8% reduction of the number of membranes required and provide a better lifecycle cost optimization 

for the 100 MLD capacity plant at $457/m3/d.  If a pilot study had been used to set the peaking 

factor for this scenario, this optimization for the 100 MLD plant could have been missed, and the 

end user may have ended up paying more over the lifetime of the plant than was required.  This is 

why it is important to understand how parameters like peaking factor can impact the lifecycle costs 

of a system. 

 

 

Figure 6-13: Impact of Peaking Factor on LCC at MDF Design Point 

 

6.4.5 Impact of Module Design 

Changing key operational parameters like membrane flux or minimum design temperature have 

been shown in this paper to play a significant role in the cost of a system, and this is generally 

understood by the industry and researchers alike.  However, what is less frequently discussed by 

academics, consultants and manufactures is the impact an increase in surface area can have on the 

capital and operational costs of a system.  Product surface area increases are often touted in the 

industry as an ideal way to maximize the flow capacity of a membrane module while 

simultaneously reducing the capital and construction costs of a system (fewer modules per train).  
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While it is true that higher surface area can indeed reduce these costs, there is a limit to the amount 

of area increase that can be achieve in any product before a higher membrane aeration and/or 

cleaning rate is required to control the higher solid mass flux to the membranes.  This is especially 

true if the flux rate per module is maintained with the increase in surface area.   

Many researchers have found that the only reliable way to increase flux and/or surface area while 

avoiding membrane fouling is to increase the amount of aeration supplied to the membranes (Cui 

et al. 2003). This would result in an increase in the amount of power required by the MBR system, 

making the technology less desirable to the marketplace. Conversely, research has shown that 

decreasing the amount of aeration significantly can increase membrane fouling and reduce the 

amount of water a given membrane surface area can produce (Guibert 2000).  Chemical 

consumption can also be negatively impacted by an increase in flux or surface area for a membrane 

module if fouling increases and more frequent cleaning is necessary.  It is therefore important to 

weight the gains from the surface area (or flux) increase versus the impact the change will have on 

the operational costs of a system. 

 

Using the three products presented in Table 6.2 and assuming that all three can operate at the same 

flux, aeration rate and cleaning frequency, the model was run at the MDF design flow condition.  

The total number of Product 1 modules versus Product 3 modules required for three of the four 

system sizes (10, 50, and 100 ADF MLD) varies by 12.5%, while the 25 MLD plant varies by only 

8.6% (Table 6.11).  This would imply that the capital and total lifecycle costs will similarly show 

only minor variation between the three products for any system size, and indeed this is true.   
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Table 6-11: Total Number of Membrane Modules Required 

Capacity 

(MLD) 

Product 1 

350 ft2 

Product 2 

375 ft2 

Product 3 

400 ft2 

10 1405 1311 1229 

25 2017 1966 1844 

50 4016 3748 3514 

100 7666 7155 6708 

 

To further explore the impact of surface area and module design on cost, two options for cassette 

size were selected, a 50 module cassette and a 60 module cassette, both costing $10,000.  It was 

assumed for simplicity that the cassette footprint was the same for both options, and the 60 module 

cassette simply had smaller spaces between modules, hence the same cassette cost.  This is a 

common practice in the industry with many membrane suppliers squeezing more modules into the 

same footprint.  No other change was made to the three products, so Products 4, 5 and 6 shown in 

the following graphs are simply Products 1, 2 and 3 (1=4, 2=5, 3=6) with more modules in each 

cassette. 

 

Of the four system sizes considered, none experience a change in capital cost of more than $5/m3/d 

(Figure 6.14).  Obviously if the cost of the membrane, set at $2.5/ft2 in the model, was to be varied 

for one product more than the other two, the small variance in capital cost across flow rates might 

disappear.  The use of a higher number of modules per cassette only reflected a tiny change in the 

capital cost when the number of cassettes required dropped.  For example, at 25 MLD the capital 

cost for Product 2 with a 50 module cassette was $343.13/m3/d versus $343.06/m3/d for a 60 

module cassette (Product 5 in figures).  Therefore, it would likely take a significant change in the 

module surface area, membrane $/ft2 cost, or the number of modules per cassette to have a 

significant impact on capital cost. 

 



172 

 

 

Figure 6-14: Impact of Module Surface Area on Capital Cost 

 

The impact on total lifecycle costs of applying variations to the module design is not very different 

to the results on the capital cost (Figure 6.15).  At 10 MLD, increasing surface area by 25 ft2 with 

Product 2, results in a savings of $15/m3/d and further increasing it by another 25 ft2 with Product 

3 saves an additional $17/m3/d.  At the higher flow capacities, the savings from increasing 

membrane surface area are even less.  Referring back to Figure 6.7, a 10% flux increase with 

Product 1 resulted in a savings of $72/m3/d at 10 MLD.  Therefore, it could easily be concluded 

that there is more lifecycle cost benefit to increasing the flux of a membrane system than trying to 

increase the module surface area. 
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Figure 6-15: Impact of Module Surface Area on Lifecycle Cost 

 

However, if the cassette design is also altered to allow for more modules in the same footprint, 

there is benefit to increasing surface area at the higher flow capacities.  Product 4, with a 350 ft2 

surface area installed into a 60 module cassette, has a lifecycle cost of $525/m3/d at 50 MLD.  If 

the surface area is increased to 400 ft2, the LCC is reduced to $439/m3/d, a savings of $86/m3/d.  

Similar savings are observed for the 25 MLD and 100 MLD plant capacities as well.  The savings 

is generated by the reduction in the number of cassettes needed per train, and therefore reductions 

in the associated energy and cleaning operational costs for those systems.  It is thus easy to see 

why it is critical that all aspects of changing the product parameters be explored prior to selection 

of a particular design.        

 

6.4.6 Impact of Combining Factors 

So far we have considered the impact of the various factors on capital and lifecycle costs in 

isolation.  In practice, many product design or operational changes are made in parallel.  It is 

therefore prudent to consider the impact of combining factors and three scenarios are examined 

here. 
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Scenario 1: ADF flux is increased by 10%, module surface area increases by 10% and pulsed 

aeration is applied. 

 

Based on many recent examples in the membrane industry, this scenario assumes that both the 

membrane operating flux and module surface area can be increased by 10%.  The fouling rate is 

controlled by applying pulsed aeration, which also has the added benefit of reducing operating 

costs.  As shown in Figure 6.16 there are significant benefits across all four flow capacities to this 

scenario.  At 10 MLD the savings is $211/m3/d over the baseline case of Table 6.4.  The savings 

drops as the system size is increased due to the fact that more trains are required, so fewer modules 

per train are saved with the flux and surface area increases.  Yet even at 100 MLD there is still a 

savings of $174/m3/d in total lifecycle costs over the baseline, making the application of the 

combined parameters (increased flux, increased surface area, decreased aeration rate) an attractive 

investment for end users.  Even combining just the flux and surface area increases still provides 

useful savings in the range of $78/m3/d to $92/m3/d, depending on flow capacity. 

 

 

Figure 6-16: Impact of Scenario 1 on Lifecycle Costs 
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Scenario 2: ADF flux is increased by 15% and intermittent aeration is increased by 10%.    

 

Scenario 2 considers the impact on lifecycle cost if a research study suggested that the membrane 

flux could be increased by 15% if the intermittent aeration was increased by 10%.  This is another 

real-world scenario that has been used by several membrane manufactures in an attempt to reduce 

the capital cost.  Unlike scenario 1, the increase in flux comes at the cost penalty of increasing the 

aeration flow rate, however there is still an overall cost benefit to this approach (Figure 6.17).  For 

a 25 MLD plant, a savings of $83/m3/d is achievable since the number of membranes required is 

reduced with the flux increase, saving on capital and operational costs.  If it were possible to raise 

the flux without increasing the aeration, the savings would be rise to $180/m3/d for the same size 

plant.  This suggests that any research to increase flux should include an attempt to minimize the 

aeration flow rate required to achieve the increase. 

 

 

Figure 6-17: Impact of Scenario 2 on Lifecycle Costs 
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Scenario 3: Cassette size is increased by 10 modules, surface area is increased by 10% and module 

cost rises to $3/ft2. 

 

In section 6.4.5 it was demonstrated that there was a benefit to increasing the module surface area 

and the number of modules per cassette if the cassette footprint size could be held the same.  While 

the cassette cost could be held the same simply by redesigning the way the modules connect to the 

cassette, it is less likely that increasing module surface area would result in the $/ft2 cost of the 

module remaining unchanged.  In this final scenario, the impact of an increase in the module cost 

to $3/ft2 is considered, and it is clear that any benefits gained by the changes to the module and 

cassette design are nullified by the increase in module cost (Figure 6.18).  The most pronounced 

impact is on the 10 MLD system, where the lifecycle cost increases by $50/m3/d, all of it directly 

tied to the rise in the upfront capital cost and replacement cost of the membranes over 20 years.  

At the other flow rates the increase is smaller, in the range of $33-38/m3/d, but at 100 MLD this 

still equates to over $3 million in additional expenditure.  If it were possible to hold the module 

cost at $2.5/ft2 the savings would be in the range of $20-24/m3/d.  Therefore, it should be a goal 

of anyone proposing this type of product modification to consider the impact of the potential 

increased module cost on the total lifecycle cost of the system. 

 

 

Figure 6-18: Impact of Scenario 3 on Lifecycle Costs 
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6.5 Conclusions 

This paper has presented the development of a model capable of calculating capital, construction, 

and lifecycle costs for up to six different membrane products with unique properties.  While 

development of this model is ongoing the tool has been demonstrated to be valuable in estimating 

the impact a design change can have on lifecycle costs.  The paper has also explored some of the 

key product design and operation parameters associated with membrane bioreactor systems.  A 

great deal of care is necessary when selecting membrane operational parameters such as flux or 

module design characteristics for a system design in order to ensure the capital, construction and 

operational costs are reasonable.  Academics, membrane suppliers and consultants must all ensure 

proposed designs are demonstrated at full-scale level to avoid membrane fouling and/or an 

inability for the plant to achieve the design flow capacity.  Changes to the module surface area or 

aeration rate must be evaluated against the total system costs, including power, before selection of 

one product over another is made.  A gain in flux or surface area may come with the penalty of an 

increase to the system lifecycle costs, and product property selection must be carefully considered. 
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7 SUMMARY, CONCLUSIONS, CONTRIBUTIONS AND RECOMMENDATIONS 

7.1 Summary 

Research into fouling control in membrane bioreactor systems has traditionally focused on lab and 

pilot scale systems as it allows for stable operation and control over the parameters of interest.  

Additionally, access to full-scale systems is very limited and use of real mixed liquor in academic 

studies is uncommon.  In the present study, four experimental systems operating on municipal 

wastewater with very similar characteristics and using membranes of increasing size were used to 

address this gap in the research.  A multi-year study looked at the impact system size has on the 

performance of the system with respect to cake layer fouling control.  Key operational and module 

design parameters like aeration rate and frequency, packing density, and fibre bundle size were 

evaluated using the four system sizes to determine which parameters had more influence on 

performance.  A dimensionless parameter SMF/AMF was developed for use when comparing 

systems of different sizes.  A cost model was also developed to allow evaluation of the impact the 

key parameters have on lifecycle costs at full-scale. 

 

7.2 Conclusions 

The comparison of four sizes of systems in this research was found to provide supporting evidence 

that lab-scale systems cannot be used to project full-scale performance.  This supported the early 

findings of Drews (2010) and Buetehorn et al. (2012).  Careful consideration of the impact of the 

scale on parameters impacting membrane fouling must be taken into account when conducting 

research into the topic.  Variances in air distribution and shear stress, module arrangement, tank 

hydraulics, and mixed liquor characteristics, among other parameters, make the applicability of 

small-scale system research to full-scale design limited.  Any conclusions drawn on operational 

and/or membrane design parameters must be made based on data from a similarly sized system.  

The concept of the solid mass flux to air mass flux ratio (SMF/AMF) was developed and found to 

be a useful tool when comparing systems of dissimilar size.  Data collapse once module design 

reaches full-scale was observed when applying the SMF/AMF approach.  A potential path towards 

a model to allow use of bench size system research to predict full-size system behavior was 

explored.  
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The developed SMF/AMF dimensionless parameter was applied to evaluation of key operational 

and module design characteristics in terms of fouling control and overall performance.  It was 

found that when comparing modified aeration rates and frequencies using this parameter, a further 

normalization of the AMF was required.  Increased packing density via the reduction of spacing 

between the modules was found to benefit membrane fouling control and performance so long as 

the fibre bundles were relatively thin.  Good air penetration into the bundles was still required to 

create shear stress and a gap that was too narrow coupled with a thick fibre bundle resulted in poor 

fouling control.  Increasing surface area also did not negatively impact the performance again 

provided the aeration could still penetrate the fibre bundle.  A threshold was found for both 

increased packing density via module spacing and surface area above which performance was 

negatively impacted.  Small thin fibre bundles that allowed permeation from both ends and applied 

narrow gaps between modules were found to allow full-scale modules to achieve fluxes above 60 

lmh without significant fouling, even with reduced aeration values.  

Finally, an Excel® based cost model was developed in to allow comparison of up to six product 

designs simultaneously.  Capital, operational and 20-year lifecycle costs could all be evaluated for 

the different product designs against one another.  This allowed for identification of key 

operational and module design parameters that could have large impacts on lifecycle cost 

reductions without compromising membrane performance based on the experimental findings of 

this research.  Increased flux, increased surface area, increased packing density and reduced 

aeration rates were all identified as useful tools to reduce overall full-scale MBR system costs.  

Influent wastewater temperature was also identified as a parameter that should be accurate when 

designing full-scale system as an assumption of a low value in a conservative design could 

negatively impact the overall lifecycle costs.  Use of a cost tool like the one developed here could 

be a valuable tool for academics and membrane suppliers alike when proposing new module design 

or operational settings as it allows lifecycle costs to be considered alongside fouling control and 

performance. 
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7.3 Contributions 

The main engineering contributions of this research are summarized as follows: 

 This study is the first, to the author’s knowledge, to use four sizes of membrane systems to 

evaluate the impact of system scale on performance and fouling control.  While earlier 

studies have examined individual fibres vs. fibre bundles and lab-scale vs. pilot-scale, no 

studies have incorporated lab-scale vs. three large sized systems including a full-scale 

system.  The use of municipal wastewater to operate all four systems is also unique. 

 The introduction of the SMF/AMF dimensionless parameter for easy comparison of 

multiple data sets is a first in literature.  No other studies were found to use solid mass flux 

(SMF) as a measure of performance.  The majority of past studies have used only flux, 

with a few rare exceptions attempting to incorporate MLSS concentration however none 

directly linked it to flux in this manner.  While a number of studies have used aeration in 

the form of SADP, SADm or Ua to aid in evaluations of fouling control and performance, 

no study was found to use the air mass flux (AMF) term and link it directly to the SMF 

term.  The normalization of the AMF term was also unique to this study. 

 Examining fouling control and making alterations to the module design and aeration rate 

and frequency for full-scale systems is another contribution to the body of knowledge.  

While these efforts do occur in the membrane industry to some extent, membrane suppliers 

do not publish their findings.  Providing insight into how these tests are conducted can 

allow academics to better convey their own findings to industry in future. 

 Finally, while development of a cost model for full-scale systems in not unique, to the best 

of the author’s knowledge, the cost model develop as part of this work is the first to allow 

for comparison of multiple product designs (up to six) simultaneously.  This tool is useful 

for comparing the impact a design or operational decisions many have on overall lifecycle 

costs and could be of benefit to academics when evaluating the benefit of their experimental 

results for application at full-scale. 
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7.4 Recommendations 

In this research, the impact of system size on the performance and fouling control was assessed 

using four systems operating on three municipal wastewater feeds.  While the influent and 

activated sludge characteristics were very similar, the use of three different sources can still raise 

questions about the results.  Ideally, the four sizes of systems should be operated on the same 

wastewater source, for example installing all four systems at the full-scale treatment plant.  Future 

studies in this area should be conducted at the same location using the same influent feed.  The 

impact of longer-term operation of the four system sizes on fouling control would also be of value, 

and a logical next step of this research would be to use the same systems to conduct those longer-

term trials.  Further experimentation is also required to explore how varying MLSS concentration 

and aeration intensity for the systems impacts the performance of the systems when using the 

SMF/AMF approach.   

Use of full-scale systems to vet any suggested operational or module design parameter change is 

recommended.  Since full-scale systems have been shown to have equal or better mixed liquor 

characteristics and are less susceptible to rapid changes, there is considerable value in proving out 

any concept at full size before applying it.  While lab-scale systems are valuable tools for quick 

comparison and assessment of new approaches, the need to finely control mixed liquor properties 

or use synthetic wastewater can produce inaccurate conclusions.  Further research into the use of 

the SMF/AMF dimensionless parameter for performance evaluations and the usefulness of the 

parameter in allowing adjustment of lab-scale systems to mimic full-scale is warranted.  The 

usefulness of normalizing the AMF term when applying different aeration rates on the same sized 

system was noted, and should be applied in future studies to avoid inflating the SMF/AMF ratio 

due to a low AMF value.   
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